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Today, unused carbon resources, such as natural gas, are widely available, and most of 

the time they are wasted through venting or flaring, contributing to global warming. It is 

imperative to validate an efficient and selective transformation of it into higher value products 

for industrial implementation, while reducing the carbon footprint from the petrochemical 

industry, and to transition to a less energy-intensive methane and ethane conversion technology 

than the conventional processes, i.e., steam reforming of methane and thermal cracking of 

ethane. Within the framework of the circular economy for hydrocarbons, two fundamental 

processes have been assessed in this thesis: the Oxidative Conversion of Methane (OCoM) and 

the Oxidative Dehydrogenation of Ethane (ODH). 

On the one hand, from a lab-scale perspective, OCoM is proposed in this work as a 

novel process concept for methane valorization into a product stream with a molar C2H4/CO/H2 

composition of 1/1/1, i.e., suitable for further ethylene hydroformylation, as an alternative of 

the Oxidative Coupling of Methane (OCM). OCoM, by exploiting other methane and ethane 

conversion reactions, i.e., Steam Reforming of Methane (SRM) and the Thermal 

Dehydrogenation of Ethane (TDE), overcomes the limitations traditionally encountered during 

OCM in the pursuit of a maximum ethylene yield. Some of these limitations are the high 

energy-intensive separation of ethylene from the product gas mixture, e.g., C2H4/C2H6 molar 

ratio of 2.5 mol mol-1, and C2 yields below 35% mol mol-1 which is not enough for its 

industrialization. 

The MnNaW/SiO2 catalyst was selected for OCoM among other catalytic materials 

because of its good stability (> 90 h), high temperature performance (850 °C) without 

indications of deactivation and trade-off between methane conversion (30% mol mol-1) and C2 

selectivity (80% mol mol-1). Then, an experimental assessment was performed using this 

catalyst under industrially relevant conditions (T = 800 – 850 °C, ptot = 100 kPa, Wcat/FCH4,in 

= 2 – 2.5 kgcat s mol-1, CH4/O2 inlet molar ratio = 3 – 5 mol mol-1 and inlet CO2 molar fraction 

< 20%). The experimental campaign was carried out as a basis for reaction network proposal 

and kinetic model development for the various relevant reactions in OCoM, such as the OCM, 

TDE, and SRM. It is noteworthy to mention that co-feeding CO2 has no significant effect on 

the OCoM performance utilizing the MnNaW/SiO2 catalyst. The impact of the operating 
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conditions on the OCoM performance was simulated with this model, while simultaneously 

pursuing a C2H4/CO/H2 molar ratio of 1/1/1 and a maximum C2 yield. Furthermore, total O2 

conversion is targeted to avoid more challenging downstream separations. Three different real 

feedstocks were considered for the assessment of OCoM: natural gas approximated as pure 

methane, shale gas which additionally includes CO2 and ethane, and biogas, a mixture of 

essentially methane and CO2. Among the three different feedstocks, shale gas was found to 

exhibit the highest OCoM potential, with a carbon conversion of 31% mol mol-1, an ethylene 

yield of 19% mol mol-1, equivalent with a carbon yield (ethylene + CO) of 28% mol mol-1, and 

a C2H4/CO/H2 molar ratio amounted to 1/1.1/3.7. The optimal operating conditions were found 

as a temperature of 850 °C a Wcat/FCH4,in of 6.5 kgcat s mol-1 and a CH4/O2 inlet molar ratio of 

10 mol mol-1. 

On the other hand, the recent implementation of the multitubular ODH packed bed 

reactor in the industry demands for a reliable reactor model that accurately accounts for all the 

phenomena occurring during its performance, i.e., kinetics and transport phenomena. Hence, a 

generalized approach to model the temperature gradients in an industrial-scale wall-cooled 

packed bed with a low tube-to-particle diameter ratio (< 8 mr ms
-1) is proposed and assessed in 

this work. The modeling approach is built on experiments carried out in absence of reaction in 

bench-scale as well as in industrial-scale packed beds for the adequate characterization of the 

heat transfer parameters. The methodology leads to the reliable determination of the external 

wall heat transfer coefficient (hw,ext) and pseudo-local radial effective thermal conductivity 

(keff,r,PLA). This approach allows the quantification of heat transfer resistances through the core 

and the internal and the external wall of the bed indicating that approximately 30% of the 

resistances are located along the internal side of the packed bed when it was operated at particle 

Reynolds numbers ranging from 700 to 1400. Because of its complex impact on heat transfer, 

fluid dynamics is accounted for by implementing a methodology that uses pressure drop data 

and the mass conservation criterion to describe velocity profiles, including the determination 

of the viscous and inertial resistances caused by solid surfaces at the core and near the wall. 

The approximation developed in this work overcomes historical limitations identified when 

modeling radial heat transfer mechanisms by applying conventional heat transfer approaches. 

Moreover, the axial heat transfer conduction was characterized via the effective axial 

conductivity (keff,z) from adiabatic experiments in a bench-scale packed bed in the absence of 

reaction. Non-adiabatic and non-isothermal bench-scale and industrial-scale packed bed 
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experimental data were used in the assessment of the impact of axial heat conduction on the 

description of temperature gradients. 

The heat transfer information is transferred to a pseudo-heterogenous model to simulate 

the performance of an industrial-scale wall-cooled packed-bed reactor with low tube-to-particle 

diameter ratio (dt/dp < 8 mr ms
-1) for the highly exothermic ODH. Simulations demonstrate the 

reliability of the proposed heat transfer approach, and the limitations of the conventional 

approximations when describing temperature profiles in a packed bed reactor. 

Furthermore, the impact of axial conductive heat transfer on the prediction of hot spots 

and, more particularly, thermal runaway has been elucidated. When disregarding axial heat 

conduction or adopting literature-based values for keff,z, determined from either experiments at 

low dt/dp ratios (< 8 mr ms
-1) and Rep ≤ 1000 or high dt/dp ratios (> 8 mr ms

-1) and Rep ≤ 700 at a 

wide panel of operating configurations, runaway is simulated at conditions where it has not 

been observed experimentally or a negligible hot-spot prediction is obtained. When considering 

the keff,z determined for the specific reactor configuration in this work, hot spots are predicted 

at Rep of 700 and 1400, but no runaway. The discrepancies between experimental findings and 

temperature profiles simulated based on literature-based values for keff,z indicate the need for a 

specific determination of keff,z in packed bed reactors with low dt/dp ratio to more accurately 

predict hot spots, resulting in more reliable reactor design and operation. 
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Vandaag de dag zijn ongebruikte koolstofbronnen, zoals aardgas, overal voorhanden, 

en meestal worden ze verspild door afblazen of affakkelen, wat bijdraagt aan de opwarming 

van de aarde. Het is absoluut noodzakelijk om hiervoor een gevalideerd model voor de 

efficiënte en selectieve transformatie in producten met een hogere economische waarde voor 

industriële toepassingen te hebben, dit verkleint de koolstofvoetafdruk van de petrochemische 

industrie, en om over te stappen naar een minder energie-intensieve methaan- en 

ethaanconversietechnologie dan de conventionele processen, zijnde de stoomreforming van 

methaan en het thermisch kraken van ethaan. Twee fundamentele processen binnen het kader 

van een circulaire economie voor koolwaterstoffen worden in dit proefschrift beschouwd: de 

Oxidatieve Conversie van Methaan (OCoM) en de Oxidatieve Dehydrogenering van Ethaan 

(ODH). 

Enerzijds wordt OCoM in dit werk voorgesteld als een nieuw procesconcept voor de 

valorisatie van methaan in een productstroom met een molaire C2H4/CO/H2-samenstelling van 

1/1/1, dit maakt het geschikt voor verdere hydroformylering van etheen, als alternatief voor de 

oxidatieve koppeling van methaan (OCM). OCoM overkomt, door gebruik te maken van 

andere methaan- en ethaanconversiereacties, namelijk Stoomreforming van Methaan (SRM) 

en de Thermische Dehydrogenering van Ethaan (TDE), de traditionele beperkingen van OCM 

bij het streven naar een maximale ethyleenopbrengst. Een van deze beperkingen is de zeer 

energie-intensieve afscheiding van ethyleen uit het gasvormig productmengsel. Een molaire 

verhouding C2H4/C2H6 van 2,5 mol mol-1, en C2 opbrengst van minder dan 35% mol mol-1 

maken het proces economisch niet levensvatbaar. De MnNaW/SiO2-katalysator werd 

geselecteerd voor OCoM vanwege zijn goede stabiliteit (> 90 uur), sterke prestaties bij hoge 

temperaturen (850 °C) zonder aanwijzingen van deactivering en het evenwicht tussen 

methaanomzetting (30% mol mol-1) enerzijds en C2-selectiviteit (80% mol mol-1) anderzijds. 

Vervolgens werd deze katalysator experimenteel getest onder industrieel relevante 

omstandigheden (T = 800 – 850 °C, ptot = 100 kPa, Wcat/FCH4,in = 2 – 2,5 kgcat s mol-1, molaire 

verhouding CH4/O2 inlaat = 3 – 5 mol mol-1 en molaire fractie CO2 inlaat < 20%). De resultaten 

van deze experimenten waren de basis voor het opstellen van een reactienetwerken en de 

ontwikkeling van kinetische modellen voor de verschillende relevante reacties in OCoM, zoals 
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de OCM, TDE en SRM. Hierbij werd vastgesteld dat het gelijktijdig voeden van CO2 geen 

significant effect heeft op de prestaties van het OCoM-proces bij gebruik van de MnNaW/SiO2- 

katalysator. Met dit model werd de impact van de reactiecondities op de prestaties van het 

OCoM-proces gesimuleerd. Er werd steeds gestreefd naar een molaire C2H4/CO/H2- 

verhouding van 1/1/1 en een maximale C2-opbrengst werd. Bovendien is ook de totale conversie 

van O2 een doel, dit om meer complexe scheidingen te vermeiden. Drie verschillende, 

realistische grondstoffen zijn beschouwd: aardgas, ongeveer zuiver methaan; schaliegas dat 

bovendien CO2 en ethaan omvat; en biogas, een mengsel van hoofdzakelijk methaan en CO2. 

Van de drie verschillende grondstoffen bleek schaliegas het meest geschikt voor OCoM, met 

een koolstofomzetting van 31% mol mol-1, een ethyleenopbrengst van 19% mol mol-1, 

equivalent met een koolstofopbrengst (ethyleen + CO) van 28% mol mol-1, en een molaire 

C2H4/CO/H2-verhouding van 1/1,1/3,7. De optimale reactiecondities zijn een temperatuur van 

850 °C, een Wcat/FCH4,in van 6,5 kgcat s mol-1 en in de voeding een molaire CH4/O2-verhouding 

van 10 mol mol-1. 

Aan de andere kant vraagt de recente implementatie van de multitubulaire, gepakte 

kolom ODH-reactor in de industrie om een betrouwbaar reactormodel dat nauwkeurig rekening 

houdt met alle verschijnselen die optreden tijdens de werking ervan, namelijk kinetiek en 

transportverschijnselen. In dit werk word een breed toepasbare benadering voorgesteld en 

getest om de temperatuurgradiënten in een wandgekoeld, gepakte kolom reactor op industriële 

schaal met een lage buis-tot-deeltjesdiameterverhouding (< 8 mr ms
-1) te modelleren 

voorgesteld en getest. Het model is gebaseerd op experimenten die zijn uitgevoerd in 

afwezigheid van reactie op zowel laboratoriumschaal als in gepakte kolom reactoren op 

industriële schaal voor een adequate bepaling van de warmteoverdrachtsparameters. De 

methodologie leidt tot de betrouwbare bepaling van de warmteoverdrachtscoëfficiënt van de 

buitenmuur (hw,ext) en de effectieve radiale pseudo-lokale thermische geleidbaarheid (keff,r,PLA). 

Deze aanpak maakt de kwantificering van de weerstand tegen tegenwarmteoverdracht door de 

kern, en de binnen- en buitenwand van het bed mogelijk. Hieruit blijkt dat ongeveer 30% van 

de weerstand zich langs de binnenzijde van het gepakte kolom reactor bevindt wanneer de 

deeltjes-Reynoldsgetallen variëren van 700 tot 1400. Omdat vloeistofmechanica een complexe 

invloed heeft op warmteoverdracht wordt dit ook geïmplementeerd in het model door 

drukvalgegevens en het criterium voor massabehoud te gebruiken om snelheidsprofielen te 

beschrijven. Ook de viscositeits- en traagheidsweerstanden, veroorzaakt door vaste 

oppervlakken in de kern en dichtbij de muur, worden in kaart gebracht. Deze benadering maakt 



Samenvatting 

xxx 

 

 

 

het modelleren van radiale warmteoverdracht, gebruik makende van traditionele technieken om 

warmteoverdracht te beschrijven, mogelijk. Bovendien werd de conductieve axiale 

warmteoverdracht in kaart gebracht met behulp van de effectieve axiale geleidbaarheid (keff,z) 

afgeleid uit adiabatische experimenten in een gepakt kolom reactor op laboratoriumschaal bij 

afwezigheid van reactie. Niet-adiabatische en niet-isotherme experimentele gegevens op 

laboratoriumschaal en industriële schaal werden gebruikt bij het inschatten van de impact van 

axiale warmteoverdracht op de beschrijving van temperatuurgradiënten. 

De informatie over de warmteoverdracht werd gebruikt in een pseudo-heterogeen 

model om de prestaties van een wandgekoelde, gepakt kolom reactor op industriële schaal met 

een lage verhouding tussen buis en deeltjesdiameter (dt/dp < 8 mr ms
-1) voor de zeer exotherme 

ODH te beoordelen. Simulaties tonen de betrouwbaarheid van de voorgestelde benadering en 

de beperkingen van de conventionele benaderingen bij het beschrijven van 

temperatuurprofielen in een gepakte kolom reactor aan. 

Bovendien is de impact van conductieve axiale warmteoverdracht op de voorspelling 

van hotspots en, meer in het bijzonder, thermische runaway in kaart gebracht. Wanneer axiale 

warmtegeleiding buiten beschouwing wordt gelaten of op de literatuur gebaseerde waarden 

voor keff,z worden overgenomen, bepaald op basis van experimenten bij lage dt/dp- 

verhoudingen (< 8 mr ms
-1) en Rep ≤ 1000, of hoge dt/dp-verhoudingen (> 8 mr ms

-1) en Rep ≤ 

700 bij een breed scala aan reactiecondities, wordt runaway gesimuleerd onder omstandigheden 

waarin dit experimenteel niet wordt waargenomen of waarbij verwaarloosbare hotspots worden 

voorspeld. Wanneer we de keff,z in beschouwing nemen die voor de specifieke 

reactorconfiguratie in dit werk is bepaald, worden er hotspots voorspeld bij Rep van 700 en 

1400, maar geen runaway. De discrepanties tussen experimentele bevindingen en 

temperatuurprofielen die zijn gesimuleerd op basis van waarden voor keff,z uit literatuur duiden 

op de noodzaak van een meer exacte bepaling van keff,z in gepakte kolom reactoren met een 

lage dt/dp-verhouding om hotspots nauwkeuriger te voorspellen, wat resulteert in meer 

betrouwbaar reactorontwerp en -werking. 
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Resumen 
 

 

Actualmente, recursos de carbono no utilizados, como el gas natural, están ampliamente 

disponibles y la mayor parte del tiempo se desperdician mediante su ventilación al 

medioambiente o su quema, lo cual contribuye al calentamiento global. Es imperativo validar 

una transformación eficiente y selectiva de estos recursos en productos de mayor valor para su 

implementación industrial, reduciendo al mismo tiempo la huella de carbono de la industria 

petroquímica, y haciendo una transición hacia una tecnología de conversión de metano y etano 

que consuma menos energía que los procesos convencionales, es decir, el reformado de metano 

con vapor y el craqueo térmico de etano. Dentro del marco de la economía circular de los 

hidrocarburos, en esta tesis se han evaluado dos procesos fundamentales: la Conversión 

Oxidativa del Metano (OCoM) y la Deshidrogenación Oxidativa del Etano (ODH). 

Por un lado, desde una perspectiva a escala de laboratorio, en este trabajo OCoM es 

propuesto como un concepto de proceso novedoso para la valorización de metano hacía una 

corriente de producto con una composición molar C2H4/CO/H2 de 1/1/1, es decir, adecuado 

para una posterior hidroformilación de etileno, como alternativa al Acoplamiento Oxidativo de 

Metano (OCM). OCoM, al aprovechar otras reacciones de conversión de metano y etano, es 

decir, el reformado de metano con vapor (SRM) y la deshidrogenación térmica de etano (TDE), 

supera las limitaciones encontradas tradicionalmente durante la OCM en la búsqueda de un 

rendimiento máximo de etileno. Algunas de estas limitaciones son la separación de etileno de 

la mezcla de los gases producto que consume mucha energía, por ejemplo, una relación molar 

C2H4/C2H6 de 2.5 mol mol-1, y rendimientos de C2 inferiores al 35% mol mol-1, lo que no es 

suficiente para su industrialización. 

El catalizador MnNaW/SiO2 fue seleccionado para OCoM, entre otros materiales 

catalíticos, debido a su buena estabilidad (> 90 h), rendimiento a altas temperaturas (850 °C) 

sin indicaciones de desactivación, y compensación entre conversión de metano (30% mol mol- 

1) y selectividad de C2 (80% mol mol-1). Luego, se realizó una evaluación experimental 

utilizando este catalizador en condiciones industrialmente relevantes (T = 800 – 850 °C, ptot = 

100 kPa, Wcat/FCH4,in = 2 – 2.5 kgcat s mol-1, relación molar de entrada CH4/O2 = 3 – 5 mol mol- 

1 y fracción molar de CO2 de entrada < 20%). La campaña experimental se llevó a cabo como 

base para la propuesta de red de reacción y el desarrollo de modelos cinéticos para las diversas 

reacciones relevantes en OCoM, como OCM, TDE y SRM. Cabe mencionar que la 
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alimentación conjunta de CO2 no tiene un efecto significativo sobre el rendimiento del OCoM 

utilizando el catalizador MnNaW/SiO2. Con este modelo se simuló el impacto de las 

condiciones de operación en el rendimiento de OCoM, buscando simultáneamente una relación 

molar C2H4/CO/H2 de 1/1/1 y un rendimiento máximo de C2. Además, se buscó la conversión 

total de O2 con el objetivo de evitar posteriores procesos de separación. Para la evaluación de 

OCoM se consideraron tres diferentes fuentes de alimentación reales: gas natural aproximado 

como metano puro, gas de lutita (shale gas) que además incluye CO2 y etano, y biogás, una 

mezcla esencialmente de metano y CO2. Entre las tres diferentes fuentes de alimentación, se 

encontró que el gas de lutita presenta el mayor potencial para OCoM, con una conversión de 

carbono del 31% mol mol-1, un rendimiento de etileno del 19% mol mol-1, equivalente a un 

rendimiento de carbono (etileno + CO) del 28% mol mol-1, y una relación molar C2H4/CO/H2 

de 1/1.1/3.7. Las condiciones de operación óptimas encontradas son temperatura de 850 °C, un 

espacio-tiempo de (Wcat/FCH4,in) de 6.5 kgcat s mol-1 y una relación molar de entrada de CH4/O2 

de 10 mol mol-1. 

Por otro lado, la reciente implementación del reactor multitubular de lecho empacado 

para la ODH en la industria exige un modelo de reactor confiable que tenga en cuenta de manera 

precisa todos los fenómenos que ocurren durante su desempeño, es decir, la cinética y los 

fenómenos de transporte. Por lo tanto, en este trabajo se propone y evalúa un enfoque 

generalizado para modelar los gradientes de temperatura en un lecho empacado con 

enfriamiento en la pared a escala industrial con una baja relación de diámetro de tubo a partícula 

(<8 mr ms
-1). La aproximación del modelado se basa en experimentos llevados a cabo en ausencia 

de reacción, tanto a escala banco como en lechos empacados a escala industrial, para la 

caracterización adecuada de los parámetros de transferencia de calor. La metodología conduce 

a la determinación confiable del coeficiente de transferencia de calor de la pared externa (hw,ext) 

y la conductividad térmica efectiva radial pseudo-local (keff,r,PLA). Este enfoque permite la 

cuantificación de las resistencias de transferencia de calor a través del centro del lecho 

empacado y la pared interna y externa del lecho, lo que indica que aproximadamente el 30% 

de las resistencias están ubicadas a lo largo del lado interno del lecho empacado cuando se 

operó con números de Reynolds de partículas que van desde 700 a 1400. Debido a su complejo 

impacto en la transferencia de calor, la dinámica de fluidos es considerada mediante la 

implementación de una metodología que utiliza datos de caída de presión y el criterio de 

conservación de masa para describir los perfiles de velocidad, incluida la determinación de las 

resistencias viscosas e inerciales causadas por superficies sólidas en el centro del lecho y cerca 



Resumen 

xxxiii 

 

 

 

de la pared. La aproximación desarrollada en este trabajo supera las limitaciones históricas 

identificadas al modelar mecanismos de transferencia de calor radiales mediante la aplicación 

de enfoques convencionales de transferencia de calor. Además, la conducción de transferencia 

de calor axial se caracterizó mediante la conductividad térmica efectiva axial (keff,z) de 

experimentos adiabáticos en un lecho empacado a escala de banco en ausencia de reacción. Se 

utilizaron datos experimentales de un lecho empacado a escala industrial en condiciones de 

operación no adiabáticas y no isotérmicas para evaluar el impacto de la conducción de calor 

axial en la descripción de los gradientes de temperatura. 

La información de transferencia de calor se transfiere a un modelo pseudo-heterogéneo 

para simular el rendimiento de un reactor de lecho empacado con enfriamiento en la pared a 

escala industrial con una baja relación de diámetro de tubo a partícula (dt/dp < 8 mr ms
-1) para 

la altamente exotérmica ODH. Las simulaciones demuestran la confiabilidad de la 

aproximación de transferencia de calor propuesta y las limitaciones de las aproximaciones 

convencionales al describir los perfiles de temperatura en un reactor de lecho compacto. 

Además, se ha dilucidado el impacto de la transferencia de calor por conducción axial en la 

predicción de puntos calientes y, particularmente, fuga térmica (thermal runaway). Al ignorar 

la conducción de calor axial o adoptar valores basados en la literatura para keff,z, determinados 

a partir de experimentos con relaciones dt/dp bajas (< 8 mr ms
-1) y Rep ≤ 1000 o relaciones dt/dp 

altas (> 8 mr ms
-1) 1) y Rep ≤ 700 en un amplio panel de configuraciones operativas, la fuga 

térmica se simula en condiciones en las que no se ha observado experimentalmente o se obtiene 

una predicción de punto caliente insignificante. Al considerar el keff,z determinado para la 

configuración específica del reactor en este trabajo, se predicen puntos calientes en Rep de 700 

y 1400, pero no fugas térmicas. Las discrepancias entre los hallazgos experimentales y los 

perfiles de temperatura simulados basados en valores de keff,z basados en la literatura indican la 

necesidad de una determinación específica de keff,z en reactores de lecho empaquetado con una 

relación dt/dp baja para predecir con mayor precisión los puntos calientes, lo que resulta en más 

diseño y operación confiables del reactor. 
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Chapter 1 – Introduction 
 

 
 

1.1 Circular economy for hydrocarbons 

 
Understanding and addressing greenhouse gas emissions is high on the agenda in our 

climate change dialogue. Nowadays, methane emissions are the second leading cause of global 

warming after carbon dioxide [20], and they account for approximately 30% of the global 

temperature increase since the Industrial Revolution [21]. This is primarily due to the global 

warming potential of methane, which exceeds that of CO2 by a factor 25. As such, its heat- 

trapping capability in the atmosphere significantly influences global warming during its 12- 

year atmospheric life span. The oil and gas industry, particularly through the wastage of natural 

gas via venting (direct release into the atmosphere), flaring (intentional burning), and even via 

leaks (result during the production, processing, and transportation), serves as the principal 

source of methane(-related) emissions worldwide in the energy sector, see Figure 1.1 [1,22]. 

 

 
Figure 1.1. Global methane emissions from the energy sector, 2000 – 2022 [1]. 

Worldwide leaders in the gas and oil industry have been taking steps to promote a 

circular economy for hydrocarbons to reduce waste and greenhouse gas emissions, targeting 

innovative approaches to production (and consumption). This strives towards waste reduction 

by converting waste by-products into new functional products, i.e., reducing the total quantity 

of materials used and minimizing the production of hydrocarbons [23,24], and fostering a 

sustainable utilization of natural resources [25]. In the United States, laws have been promoted 
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toward a circular economy such as the Inflation Reduction Act (IRA), the Creating Helpful 

Incentives to Produce Semiconductors (CHIPS), the Science Act, and the Bipartisan 

Infrastructure Law. These laws encourage the investment in clean-energy and sustainable 

agriculture, next-generation industrial processes, and tools to measure and track the ingredients 

that go into products [26]. The Kingdom of Saudi Arabia, leading the world with the largest 

investment in green hydrogen [27], released a Circular Economy Roadmap in May 2018 

outlining a plan to shift the country towards a more environmentally sustainable economy [28]. 

This roadmap identifies key areas for improvement, including waste management, recycling, 

renewable energy, and the use of recycled materials. In the European Union, the European 

Green Deal (EGD) was launched in 2019 as a package of policy initiatives aimed at 

transforming the EU into a modern, resource-efficient, and competitive economy. EGD targets 

reducing methane emissions from the energy sector at least 55% by 2030 and ensuring no net 

emissions of greenhouse gases by 2050 [29,30]. Within EGD, the Circular Economy Action 

Plan (CEAP) was established in 2020, comprising a comprehensive series of legislative and 

non-legislative initiatives aiming at transitioning the European economy from a linear to a 

circular model [31]. In addition, EU has launched various funding programs to encourage 

research innovation in the European industry, enhance international competitiveness, and 

promote research supporting EU policies [32,33]. 

1.2 The role of natural gas 

 
In the global energy narrative natural gas play a significant role including power 

generation, heating, and transportation [34]. At the end of 2020 the total proven reserves of 

natural gas amounted to 188 trillion m3 worldwide [2,3,35], see Figure 1.2. Expert analysts 

foresee a steady annual growth of approximately 2% for natural gas, surpassing coal as the 

principal energy source within the next two decades [36]. This leads to the emergence of new 

opportunities in the methane and ethane market [37]. 

In the context of petroleum exploration and production, the term "natural gas" refers to 

the gases that are typically found in geological formations associated with crude oil reservoirs, 

i.e., associated gas. [38]. Depending on the composition and location, some kind of associated 

gases are wet natural gas, stranded gas and marginal gas. Wet natural gas is a mixture of 

hydrocarbon compounds and small quantities of various non-hydrocarbons existing in the 

gaseous phase or in solution with crude oil in porous rock formations at reservoir conditions 

[39]. It is called wet because it contains a significant amount (~15%) of liquid hydrocarbon 
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compounds, i.e., ethane, propane, and butane, in addition to methane gas [34]. Stranded gas is 

a natural gas that is difficult to exploit because of physical (remoteness of location, lack of 

pipeline infrastructure) or economic factors [40]. When this one is not economical to process 

and sell, it is often wasted via flaring or venting. However, there are increasing efforts to utilize 

this gas to increase oil recovery by re-injecting it into oil fields [41], or by using it as a feedstock 

in Gas-to-Liquid (GTL) processes that convert natural gas into synthetic fuels [42]. Marginal 

gas, considered a type of stranded gas, refers to the production of natural gas from low- 

productivity well sites, often referred to as marginal well sites. These sites have an average 

combined oil and gas production of less than 15 barrels of oil equivalent per day [43]. 

Nevertheless, over 565,000 actively producing marginal well sites in the United States 

represent 80% of all active oil and gas production sites, and 6.2% and 5.5% of the production 

of oil and gas, respectively [43]. 

 

 
Figure 1.2. Gas reserves, 2020. Proven reserves, measured in cubic meters, are 

those quantities that can be recovered in the future from known reservoirs 

under existing economic and operating conditions, according to geological and 

engineering information [2,3]. 

On the other hand, natural gas can also be referred to as non-associated when it is found 

in fields without oil, or produced from coal deposits, shale formations, anaerobic digestion or 

organic material fermentation. Biogas is produced from the anaerobic digestion or fermentation 

of organic material including manure, sewage, municipal waste, green waste, and energy crops. 

Its composition varies but is generally about 50 – 75% methane and 25 – 50% carbon dioxide, 

with small amounts of nitrogen (2 – 8%), and trace levels of hydrogen sulfide, ammonia, 

hydrogen, water and various volatile organic compounds [44]. In the petrochemical industry, 
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biogas can be upgraded to biomethane, by removing impurities like CO2, hydrogen sulfide and 

water, resulting in a < 95 % methane content. This makes biomethane more compatible with 

existing natural gas infrastructure, and more versatile and valuable renewable energy source 

[45]. Shale gas is a form of natural gas that is found trapped within shale formations, i.e., fine- 

grained sedimentary rock that is less permeable than sandstone, siltstone, or limestone [46]. 

Shale gas is trapped in tiny pockets within the shale rocks. To be extracted, hydraulic fracturing, 

commonly known as fracking, is used to break up the rocks and release the gas. The process 

involves drilling deep holes into the shale rock, followed by horizontal drilling to access more 

of the gas, as shale reserves are typically distributed horizontally rather than vertically [47]. 

Once extracted, the gas is processed to remove impurities and separated into its component parts, 

which include methane (> 80 %), ethane (3 – 16%), propane (< 4%), carbon dioxide (< 7%), 

nitrogen (< 3%), and trace amounts of other C4+ species [48–51]. However, this practice has 

several environmental issues such as water contamination, air pollution, methane emissions, 

seismic activity, habitat disruption and land degradation [47]. 

1.3 Methane conversion technologies 

 
Methane, being the principal component of natural gas (> 85%) [52], is the most 

abundant hydrocarbon available worldwide. Methane market forecast predicts natural gas will 

play a key role in the global energy sector, even overtaking the coal in two decades [53], and 

being a critical component of the global energy and chemical industries for many years to come. 

Therefore, developing innovative, less energy-intensive and environmentally friendly 

processes for methane valorization is crucial for the circular economy for hydrocarbons, as it 

could help reducing emissions while providing alternative energy and material sources [54]. 

The challenges facing the adoption of these innovative technologies include kinetic studies, 

reactor design, simulation, and recycling processes [55,56]. Additionally, the cost of methane 

valorization technologies must remain competitive with traditional fossil fuel extraction and 

processing methods. Below, a summary of the conventional processes for methane conversion 

and the promising alternatives are discussed highlighting the importance of methane as a raw 

material in the chemical industry and the versatility of methane as a feedstock for the production 

of a wide range of chemicals and fuels. 
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1.3.1 Steam and autothermal reforming of methane 

 
Currently, the most used process in the industry for the direct conversion of methane is 

the highly endothermic Steam Reforming of Methane, SRM [57], see Eq. (1.1),which produces 

syngas, i.e., carbon monoxide and hydrogen. 

 

CH4 + H2O ⇌ CO + 3H2 (ΔH298K = 206 kJ mol-1) (1.1) 

 

SRM, industrialized since 1930s [58], contributes to the 95% of hydrogen production 

in USA [59] and 50% worldwide [60]. Some advances has been made in the development of 

technology to increase the efficiency of SRM. In the last decade, an Autothermal Reforming 

of Methane, ATR, was implemented by TOPSOE [61], combining SRM with the exothermic 

Partial Oxidation of Methane, POM, see Eq. (1.2), in the same reactor. 

 

CH4 + 0.5 O2 → CO + 2H2 (ΔH298K = -36 kJ mol-1) (1.2) 

 

The improvements of this technology account for an efficient heat management 

between the highly endothermic SRM and the exothermic POM, reducing the number of heat 

exchangers in the process. This process serves as a source of syngas for different chemical 

processes, such as Fischer-Tropsch to produce liquid hydrocarbons [62] and Haber-Bosch 

process to ammonia production [63,64]. However, due to the highly endothermic nature of 

SRM, i.e., temperatures up to 1000 °C required [52], its profitable operation is not 

economically feasible for smaller or highly remote gas reserves where natural gas is available 

at low prices, e.g., marginal gas [65,66]. Moreover, despite the direct conversion of methane 

from natural gas, without going through syngas, has been studied in the last 50 years, an 

industrial process has not been implemented yet [67]. More details of the alternative 

technologies are discussed in the next section. 

1.3.2 Exploring new frontiers 

 
The direct activation of methane and its conversion to the desired products is a difficult 

technological challenge, mainly due to the activation of the methane molecule and that 

downstream products are commonly more reactive than methane [52]. Both endothermic and 

exothermic alternative reactions to directly convert methane into valuable products have been 

widely studied in the last five decades. The most promising endothermic proposals are the Dry 
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Reforming of Methane, DRM, see Eq. (1.3), and the Methane Dehydroaromatization, MDA, 

see Eq. (1.4). 

 

CH4 + CO2 → 2CO + 2H2 (ΔH298K = 247 kJ mol-1) (1.3) 

6CH4 → C6H6 + 9H2 (ΔH298K = 83 kJ mol-1) (1.4) 

 
DRM utilizes the two largest greenhouse gases, i.e., CO2 and methane, as reactants for 

the production of syngas, while MDA converts methane into aromatics (mostly benzene) and 

hydrogen. However, coke formation occurs during DRM due to methane cracking and the 

Boudouard reaction [68,69], and during MDA due to absence of an oxidant such as water or 

CO2, causing the deactivation of the catalyst and, consequently delaying their industrialization 

[70]. 

The exothermic alternatives have an advantage over the endothermic reactions because 

they require lower energy than the conventional endothermic processes, lower energy costs are 

associated with them. On the one hand, the conversion of methane to methanol, MTM, see Eq. 

(1.5), is attractive to industry because the potential implementation of methanol as chemical 

intermediate for the production of hydrocarbons [71]. 

 

CH4 + 0.5 O2 → CH3OH (ΔH298K = -164 kJ mol-1) (1.5) 

 

However, despite that MTM has been researched for over 115 years [72,73], no catalyst 

has been developed to selectively oxidize methane into methanol, i.e., overoxidation occurs 

[52,74]. On the other hand, the Oxidative Couling of Methane, OCM, see Eq. (1.6), widely 

investigated since the early 80s [75], targets the valorization of methane into C2 species, 

particularly targeting ethylene. 

 

2CH4 + 0.5 O2 → 2C2H6 + H2O (ΔH298K = -88 kJ mol-1) (1.6) 

 

Extensive research has been conducted to identify the best suited elements to 

incorporate in OCM catalysts, covering almost the entire periodic table [76]. Most recent 

efforts were focused on the understanding of different catalyst combinations, and reactor 

configurations on the OCM performance [77–82]. Nevertheless, it was concluded that its 

implementation on the industrial scale has been hindered by the low C2 yields and no 

combination of catalyst and operating conditions provides an economically viable single-pass 
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conversion of methane into ethylene via OCM. [83]. Thus, several process concepts combining 

OCM have been proposed, e.g., OCM with dry methane reforming [84], OCM with ethane 

pyrolysis [85,86], and OCM with bioethanol dehydration [87]. Until today, none of them has 

reached C2 yields exceeding 35 % mol mol-1, which are considered necessary for 

commercialization [88,89]. Moreover, due to the resulting gas mixture obtained from the 

proposed OCM process, e.g., C2H4/C2H6 molar ratio of 2.5 mol mol-1 and CH4/C2H4 molar ratio 

between 4 and 8 mol mol-1 [86,90,91], its implementation requires high energy-intensive and 

expensive separation units to obtain ethylene [92]. 

Within the CEAP framework mentioned in previous sections, several European projects 

targeting methane valorization emerged, exploring the coupling of OCM with other potential 

technologies. For instance, the Oxidative Coupling of Methane followed by Oligomerization 

to Liquids project (OCMOL) provided an integrated process for the sustainable production of 

liquid fuels from relatively small natural gas wells [93]. This project integrated the exothermic 

OCM with the endothermic DRM. However, the separation of the desired products from the 

downstream process presents an energetic and economic challenge. Additionally, only 

approximately 10% of the product yields originate from the OCM. Conversely, the Adaptable 

Reactors for Resource and Energy-Efficient Methane Valorization (ADREM) project focused 

on developing modular reactors capable of upgrading methane-rich sources to chemicals such 

as benzene, toluene, xylenes, ethylene, and syngas [80]. Microwave, plasma, and gas-solid 

vortex reactors were evaluated for methane valorization. Nonetheless, the project concluded 

that the energy efficiency remains low compared to conventional processes, and the upscale 

strategy for plasma reactors still presents a challenge. 

1.4 The C123 European Horizon 2020 integrated 

project 

The most recent project that overcomes the issues inherently related to OCM is the 

C123 European Horizon 2020 integrated project [53,94]. The project primarily focuses on the 

efficient and selective transformation of largely available, unexploited, low-cost methane 

resources (natural gas and biogas) to C3 products, i.e., propanal and propanol, see Figure 1.3. 

C3 commodities can be easily transported as a liquid prior to further transformation into 

propylene as a more sustainable feedstock for the growing global markets of polypropylene 

(anticipated to reach US$157.8 billion by 2026 [95]),polymethyl methacrylate (projected at 
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US$6.3 billion by 2027 [96]), and acrylic acid (forecasted at US$ 19.2 billion by 2030 [97]). 

The C123 project proposes an integrated process considering two main reactions, the Oxidative 

Conversion of Methane (OCoM) and the Hydroformylation of Ethylene (HF). The activities 

related to methane valorization in this thesis were performed within the framework of the C123 

project, with a particular focus on the OCoM process. 

 

 
Figure 1.3. C123 project overview, starting from unused methane resources 

valorization through OCoM. Then, after achieving an optimal CO and C2H4 

molar mixture, the ethylene hydroformylation produces C3 species. 

1.4.1 Oxidative Conversion of Methane (OCoM) 

 
Among what has been researched to address the issues and limitations related to OCM 

process concepts, the OCoM from C123 stands out because it does not just target a high 

methane conversion per pass combined with a maximum C2 yield, but rather a suitable 

feedstock for the subsequent downstream process, i.e., ethylene hydroformylation [53,98]. This 

is achieved by exploiting other methane and ethane conversion reactions such as the SRM and 

the Thermal Dehydrogenation of Ethane (TDE). This overcomes the challenge of separating 

the desired products from the gas mixture generated in a single-pass OCM process, while 

maximizing the yields of ethylene and reaching complete oxygen conversion. The benchmark 

NaMnW/SiO2 catalyst has been identified as promising for the OCoM process because of its 

high temperature performance (800 – 900 °C) without indications of deactivation (> 1000 h) 

[99] and trade-off between methane conversion (30% mol mol-1) and C2 selectivity (80% mol 

mol-1) [100–104]. 



Chapter 1 – Introduction 

9 

 

 

 

1.4.2 Hydroformylation of ethylene (HF) 

 
Hydroformylation of ethylene (HF) is a chemical reaction where olefins and syngas 

react to produce aldehydes containing one more carbon atom than the reactant olefin [98]. 

Industrially, HF is widely used for the conversion of ethylene to propanal and propanol 

applying homogeneous catalysts [94,105]. Within the C123 process, OCoM provides an 

optimized feedstock of ethylene, carbon monoxide and hydrogen for the hydroformylation 

process, which operates around 100°C and 20–40 bar pressure in the current industrial, 

homogeneous processes. A suitable heterogeneous catalyst will keep both processes in the gas 

phase, reduce precious metal losses during operation and address corrosion issues associated 

with solvent use. In addition to a tuned feedstock for hydroformylation, the reduction of the 

pressure difference between the two parts of the process (i.e. OCoM and hydroformylation) is 

targeted. A detailed understanding of the reaction variables for homogeneous ethylene 

hydroformylation and process development of a heterogeneous version of the reaction and the 

overall C123 process scheme is discussed elsewhere [98]. 

1.5 Ethane conversion technologies 

 
Ethane as feedstock took more relevance in industrial chemical processes since the so 

called “shale gas revolution” [106] increasing the extraction of natural gas from shale rock 

formations among the other wells, i.e., gas, coalbed and oil wells, see Figure 1.4. This 

revolution was a significant and transformative change in the energy landscape that began in 

the United States in the late 1990s characterized by the widespread and economically viable 

extraction of natural gas from shale rock formations [107]. Inexpensive ethane can be derived 

from available large reservoirs of shale gas located worldwide, being the largest shale gas 

reserves found in China, Argentina, Algeria, United States, Canada, Saudi Arabia, and Mexico 

[108–113]. In the United States, it has been estimated shale gas reserves will last for at least 80 

more years [114], while in Saudi Arabia the Jafurah shale gas field project claims to become 

the third largest gas producer by 2030 [115,116]. The conventional industrial processes that 

utilize ethane as feedstock and the emerging alternative technologies are presented in the 

following sections. 
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Figure 1.4. Natural gas withdrawals in the U.S. from difference well sources 

between 2007 – 2022 [4]. 

1.5.1 Steam cracking of ethane 

 
Before fracking revolutionized the way natural gas was produced in the United States, 

most steam cracking furnaces used naphtha, i.e., a mixture of hydrocarbons derived from crude 

oil, as the primary feedstock. The introduction of large supplies of inexpensive and plentiful 

shale gas rich in ethane [49] into the market resulted in the ethylene industry switching from 

naphtha to ethane [117]. Moreover, when naphtha is considered as feedstock, products such as 

propylene, 1,3-butadiene, and aromatic hydrocarbons are also produced [118]. This causes a 

extra energy-intensive step in the process for the separation of ethylene [92]. 

At present, steam cracking is the most used process for ethylene production [118], but 

also the single most energy-consuming process in the chemical industry [66]. This high energy 

consumption stems from the steam production and the heating of the cracking furnaces. In the 

steam cracking of ethane, see Eq. (1.7), ethane is mixed with steam to supply the needed heat 

to reach the reaction temperature needed for the reaction to proceed (> 800 °C). 

 

C2H6 → C2H4 + H2 (ΔH298K = 137 kJ mol-1) (1.7) 

 

Then, ethane pyrolysis proceeds through a radical chain mechanism leading to the 

formation of methane, ethylene, C3 species and heavier hydrocarbons [118,119]. Nonetheless, 

coke is also formed during steam cracking of ethane, decreasing the efficiency for ethylene 

production [120,121], and generating several difficulties on the reactor operation, i.e., pressure 
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drop and decrease in heat flux [122]. This leads to a periodic decoking of the reactor every 20 

– 60 days [121,123]. 

 
The issues related to the high endothermicity of the process, which leads to a negative 

economic and environmental impact, as well as coking issues, led to researchers to investigate 

and develop alternative technologies, with lower energy consumption for the valorization of 

ethane. Some of them are discuss here. 

1.5.2 Ethane Dehydroaromatization (EDA) 

 
Ethane dehydroaromatization (EDA) is a non-oxidative process that converts ethane 

into valuable aromatic hydrocarbons. Despite that EDA is an endothermic process, see Eq. 

(1.8), the reaction temperature (600 °C) is 200 °C lower than steam cracking [118]. 

Nevertheless, this high temperature results into a rapid catalyst deactivation [124–127], which 

has been the main reason why EDA has not been industrialized unlike the 

dehydroaromatization of higher alkanes that occurs at lower temperatures (< 500 °C), i.e., the 

Cyclar process [128,129]. 

 

3C2H6 → C6H6 + 6H2 (ΔH298K = 337 kJ mol-1) (1.8) 

 

EDA is a promising alternative for the steam cracking because the gaseous reactants are 

transformed into liquid products readily available for separation, storage and transportation, but 

its industrialization seems to be far as no stable catalyst that can operate at higher temperatures 

(> 600 °C) has been developed yet [118]. 

1.5.3 Oxidative Dehydrogenation of Ethane (ODH) 

 
The Oxidative Dehydrogenation of Ethane (ODH), studied together with other paraffin 

oxidations for more than 60 years [130], is an exothermic reaction to produce ethylene, see Eq 

(1.9). 

 

C2H6 + 0.5 O2 → C2H4 + H2O (ΔH298K = -105 kJ mol-1) (1.9) 

 

Recent developments on catalysts that are highly selective to ethylene (> 90%) and the 

lower energy demand in comparison with conventional steam cracking makes ODH a 

promising alternative reaction in the petrochemical industry for ethylene production. In fact, 

some contributions from our research group have demonstrated that Ni and V–based multi- 
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metallic materials [131–134] are some of the most promising catalysts because of their high 

ethane reactivity at relatively low temperatures (< 500 °C), and high selectivity to ethylene (> 

90%). Moreover, the oxidative nature of the reaction, makes in situ decoking possible by 

oxidizing the carbon deposits [135,136]. Nonetheless, despite the several advantages of ODH, 

the highly exothermic partial and total oxidations, i.e., COx formation, are also 

thermodynamically favored [131–133,135], see Eqs (1.10) – (1.11), respectively, and can 

therefore not be excluded when considering ODH. 

 

C2H6 + 2.5 O2 → 2CO + 3H2O (ΔH298K = -864 kJ mol-1) (1.10) 

C2H6 + 3.5 O2 → 2CO2 + 3H2O (ΔH298K = -1428 kJ mol-1) (1.11) 

 

Recently, ODH has been commercialized by Linde with the name of EDHOXTM 

technology [137]. EDHOXTM converts ethane into ethylene and acetic acid under mild 

conditions, i.e., 400 °C, in a multitubular reactor. The combined selectivity towards ethylene 

and acetic acid yield is above 93%. Moreover, in 2021 at the Dalian Institute of Chemical 

Physics (China), ODH technology has been evaluated at pilot plant scale, succeeding the tests, 

making the ODH process ready for its industrial implementation [138]. These industrial 

implementations are clear examples that the multitubular ODH reactor is the upcoming 

alternative technology for ethylene production from unexpensive rich-ethane sources, such as 

shale gas. However, a reliable pseudo-continuous model for the ODH multitubular packed bed 

reactor, accurately accounting for all the phenomena occurring during its performance, i.e., 

intrinsic kinetics and transport phenomena, has not been developed yet [19,132,139–144]. This 

is crucial for its safe operation and design, control, optimization and intensification. 

1.6 Packed bed reactor 

 
Wall-cooled packed bed catalytic reactors with a low tube to particle diameter ratio 

(dt/dp < 8 mr ms
-1) have been a workhorse in the petrochemical industry for the production of 

chemical building blocks via the selective oxidation of different hydrocarbons, e.g., o-xylene 

oxidation [139,145], ethylene oxidation [146,147] and ODH [19,142,148]. Unlike packed bed 

reactors with a high dt/dp ratio (> 8 mr ms
-1), the low dt/dp ratio allows a high contact surface 

between the packing and the cooling source, as well as the reactor geometrical configuration. 

This favors the heat transfer dissipation from highly exothermic reactions operated under non- 

adiabatic and non-isothermal conditions. Although this type of reactor has been studied for 
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several decades [139,149–153], the main challenge that still needs to be addressed is the 

minimization of the extent of undesired total oxidation reactions that lead to hot spots and 

runaway situations. Moreover, there is a high dependency on the operating conditions towards 

the generation of temperature and concentration gradients [154–156]. It should be mentioned 

that thermal runaway is defined as a rapid increase in the temperature and pressure due to 

continuously increasing rate of heat generation. The rate of heat generation increases 

exponentially with the temperature, contrarily the removed heat increases only linearly with it. 

The risk of thermal runaway occurs is actually the risk of losing the control of chemical 

reactions which take place in the system e.g., triggering a runaway reaction. A reaction runaway 

may have multiple consequences where the worst case is the explosion of reactor. Despite there 

is not a general agreement on thermal runaway criteria (most criteria are based on the balance 

between the generated and removed heat), the appearance of an inflection point preceding the 

temperature maximum in the reactor is considered a key criterion for defining a runaway 

situation. The inflection point, where the second derivative of the temperature with respect to 

the reactor length becomes negative, signifies the onset of a positive feedback loop where the 

temperature and pressure are rapidly increasing in an uncontrolled manner. 

Two main crucial aspects are identified for the reliable design of a packed bed reactor 

with low dt/dp ratio (< 8 mr ms
-1): (i) the description of intrinsic kinetics [157] (ii) and transport 

phenomena, mainly heat transfer and fluid dynamics [19,142,158]. Special attention has been 

focused on the development, synthesis and understanding of a catalytic material for the ODH 

in the last decades. In fact, different reliable intrinsic kinetic models have been developed and 

validated within our research group for promising Ni-based [133,134,148,157,159] and V- 

based [131,132] materials, as well as in the literature [138,160,161]. Nevertheless, the aspects 

related to the effect fluid dynamics and heat transfer have on the highly exothermic reaction 

performance within a packed bed reactor with low dt/dp are still not clear. 

With the technological advances in the last two decades, Computation Fluid Dynamics 

(CFD) has become a strong engineering tool to describe two or three dimensional space 

distribution of the velocity field, temperature and concentration within a packed bed reactor. 

Research has been focused towards hydrodynamics and heat transfer modeling in absence of 

reaction [162–175], and their impact under reaction conditions [176–190] , i.e., catalytic reactor 

model. Despite the efforts done so far on CFD, an industrial wall cooled catalytic reactor model, 

presenting a large tube length (> 2 mr) and a low dt/dp, has not been applied. The main issue is 

the high time consuming an accurate 3D model accounting for industrial operating conditions 

has, which leads to oversimplifications on the models [178–180,184,191]. 
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This situation demands simplified but effective and reliable solutions to model an industrial 

packed bed reactor accounting for the role of kinetics and transport phenomena, i.e., 

hydrodynamics and heat transfer, especially for its conceptual design, control or optimization 

[139,142]. 

1.6.1 Fluid Dynamics 

 
Traditionally, fluid dynamics has been neglected when modeling a wall-cooled packed 

bed reactor [15,19,132,143,147,154,192]. Nevertheless, due to the low dt/dp configuration, void 

fraction profiles within the packed bed are generated, which leads to velocity profiles that affect 

the convective heat and mass transfer [145,193]. Thus, fluid dynamics plays an essential role 

on packed bed reactor performances, i.e., prediction of the temperature and concentration 

profiles [142,158,163,164,194–196]. 

Fluid dynamics within packed beds with low dt/dp ratio have been described by Navier- 

Stokes-Darcy-Forchheimer (NSDF) [139,158,197–200], Brinkman-Darcy-Forchheimer 

(BDF) based models [18,194,201], and two-zones based models [142,202]. Moreover, fluid 

dynamics has been coupled to the heat and mass transfer governing equations to predict the 

temperature and concentration profiles, respectively, in wall-cooled packed bed reactors 

[139,142]. Notwithstanding, most of these models are not conservative [19,132,139], which 

can be attributed to the methodology implemented to determine momentum transfer 

parameters. For example, the effective viscosity (μeff), which accounts for the effect of solid 

surfaces on fluid dynamics near the reactor wall, and the parameters α and β from Ergun’s 

equation, see (1.12), which take the solid–fluid interactions at the core of the reactor into 

account [5]. 

∆Pz uzμf (1 − ε(r))2 ρfu2 (1 − ε(r)) 
= α + β 

z
 

L d2 ε(r)3 d ε(r)3 
p p 

(1.12) 

 

1.6.2 Heat transfer 

 
Heat released by highly exothermic reaction within a packed bed reactor generates hot 

spots which, in turn, induce catalyst deactivation and selectivity losses. Because of the presence 

of total oxidations, the wall-cooled packed bed reactor, is highly sensitive to operating 

conditions such as the coolant temperature, inlet gas temperature and reactants concentration 

[19,203–206]. Research efforts, aiming at improving the performance of the wall-cooled 

packed bed reactor with low dt/dp (< 8), have been focused on developing pseudo-continuous 
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models to design [18,151,159,207–212], optimize [147,213–217] or simply understand the 

complex interaction between transport phenomena and reaction kinetics in wall-cooled packed 

bed reactors. A diversity of one [10,218,219] and two [18,151,152,193,207–212,220,221] 

dimensional models, such as homogeneous models [18,19,139,151,152,193,203,207– 

212,220], pseudo-heterogeneous models [19,147,150,192,207] or heterogeneous models 

[163,197–199,222,223], have been assessed. Some models (~5%) have accounted for fluid 

dynamics [139,142], while others (~95 %) follow the conventional plug flow approach 

[19,132,143,147,159,192,218,219,224,225]. So far, there is no pseudo-continuous model, 

including the methodology to characterize the corresponding kinetic and transport mechanisms, 

that can accurately describe the performance of a wall-cooled packed bed reactor 

[19,132,139,142–144]. Even when, for some systems, reaction kinetics and fluid dynamics 

have been accurately assessed [142], heat transfer characterization remains the main bottleneck 

when modeling selective oxidations [139,142]. 

The reliable model-based design of packed bed reactors with low dt/dp ratio, which 

accounts for the complex interactions of transport phenomena and kinetics, requires a proper 

description of heat transfer in both axial and radial directions [12,158,207]. This is critical for 

accurately predicting hot spot and runaway situations. Along with a reliable kinetic and fluid 

dynamic description, the appropriate description of temperature profiles in the wall-cooled 

packed bed reactor depends on the acquisition of adequate heat transfer parameters: axial 

effective thermal conductivity, keff,z; radial effective thermal conductivity, keff,r; internal wall 

heat transfer coefficient, hw,in; external wall heat transfer coefficient, hw,ext; and wall heat 

transfer coefficient, hw. Although different methodologies have been proposed for their 

determination for over 70 years, most of them present several limitations: 

• The wall heat transfer coefficient, hw, lumps the internal heat transfer resistances 

encountered in the internal heat boundary layer, δHT,in, the wall conductivity, kw, and the heat 

transfer resistances encountered in the external heat boundary layer, δHT,ext 

[15,151,210,224,226–230]. Although those mechanisms can be characterized by decoupling 

the hw into a hw,in, kw and hw,ext, respectively, the role of each parameter in the region near the 

wall of the packed bed reactor, i.e., the heat transfer resistances, is not clear [231]. 

• The parameters hw and keff,r are rarely determined while accounting for fluid 

dynamics [132,142,151,158,210]. Normally, they are determined considering the plug flow 

approach [15,207,218,219,224,226–228,230,232–234]. 
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• Experimental observations in absence of reaction and non-weighted regression 

are used for the estimation of hw and keff,r, presenting a high statistical correlation 

[15,132,151,207,230,232,235], making them unreliable for modeling purposes. 

• Temperature gradients generated during experiments in absence of reaction for 

determining the heat transfer parameters are lower than those observed under reaction 

conditions [11,15,163,207,218,227,236]. 

• When neglecting the use of hw, keff,r is determined but the effect of fluid 

dynamics on this parameter is neglected [236,237]. Moreover, the effect of the external wall 

(coolant side) heat transfer resistance on temperature profiles is neglected. 

• The impact of keff,z has been assessed on configurations with high tube-to- 

particle diameter ratios (dt/dp ≫ 8 mr ms
-1) operated at conditions not leading to hot spots, e.g., 

moderately exothermic reactions [11,13,238]. 

• Historically, in absence of reaction, the role of axial heat transfer by conduction 

in a packed bed with a low dt/dp ratio under industrial operating conditions, i.e., at high Rep, 

(>700) and large L/dp ratios (>50 mr ms
-1), has been neglected [151,218,224,230]. 

• In the best scenario, the effect of keff,z has been considered but not appropriately 

addressed, i.e., it has typically been investigated at a low Rep (< 700) [12,204,239,240]. 

• Under reaction conditions, the axial conductivity has been disregarded from the 

reactor model [145,147,154,193,225,241], while in a few studies that have considered it, keff,z 

is calculated using literature correlations that were developed under conditions that differ 

significantly from the industrially relevant ones, i.e., Rep < 700 and dt/dp > 8 mr ms
-1 

[19,132,242–246]. 

• When reactor simulated temperature profiles are compared with experimentally 

measured ones, typically an overprediction of the hot spot temperature and misprediction of 

the hot spot location are obtained [247–249]. Thus, although neglecting the effect of keff,z in the 

modeling of low dt/dp ratio (< 8 mr ms
-1) industrial-scale packed bed reactors is a common 

practice, some researchers have claimed that keff,z should be considered for highly exothermic 

reactions [250,251]. 

1.7 Scope and outline of the thesis 

 
The research presented in this thesis encompasses two fundamental processes that 

attracts significant attention within the framework of the circular economy for hydrocarbons: 

the Oxidative Conversion of Methane (OCoM) and the Oxidative Dehydrogenation of Ethane 



Chapter 1 – Introduction 

17 

 

 

 

(ODH). The aim is to not only comprehend these processes in-depth but also to contribute 

valuable insights that can further enhance their efficiency and sustainability. 

Chapter 2 explores the OCoM reactor, within the C123 process, accounting for an 

experimental campaign conducted to examine the performance of the MnNaW/SiO2 catalyst 

under relevant industrial operating conditions. The temperature, total pressure, and CH4/O2 

inlet molar ratio are carefully controlled within the range of 800 – 850 °C, 100 kPa, and 3 to 5 

mol mol-1, respectively. The outcomes of this campaign form the basis for the development and 

validation of a kinetic model, crucial for gaining a deep understanding of OCoM. Subsequently, 

the viability of the OCoM reactor under different feedstocks is evaluated assessing its potential 

for methane valorization. Natural gas, shale gas, and biogas, each representing varying 

compositions and characteristics, are analyzed to understand how they influence the carbon 

yields in the form of ethylene and CO. This assessment is a critical component of this research, 

contributing not only to the academic understanding but also to the practical application of 

OCoM and its potential in a circular economy for hydrocarbons. Furthermore, the C123 process 

considerations, particularly accounting for the recycling of the effluents, are assessed ensuring 

the efficient utilization of methane sources, and the sustainable production of C2 and C3 species. 

The research widens its scope to encompass a groundbreaking approach to heat transfer 

modeling in wall-cooled packed bed reactors with a low dt/dp ratio. Chapter 3 introduces 

experimental and theoretical methodologies to determine axial and radial heat transfer 

parameters that characterize the heat transfer mechanisms for a packed bed reactor with low 

dt/dp. The temperature gradients, a common challenge in industrial-scale reactors, are examined 

to derive an innovative pseudo-local approach that properly accounts for fluid dynamics on the 

radial heat transfer mechanisms. This approach overcomes the aforementioned limitations 

found in conventional methods enhancing the modeling of heat transfer, particularly in zones 

characterized by high void fractions, including the crucial wall zone. This allows providing 

insights for a more reliable description of heat transfer, both at the internal and external walls 

of the packed bed reactor. 

Moreover, the impact of axial thermal conductivity is addressed under relevant 

industrial operating conditions. Axial effective axial thermal conductivities are determined 

through a proper experimental design in absence of reaction in a bench-scale packed bed 

operated in adiabatic mode (radial temperature uniformity). Next, the impact of the effective 

axial thermal conductivity in a non–isothermal bench-scale and industrial-scale packed bed in 

absence of reaction is assessed by comparison of the experimental temperature profile with the 
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simulated ones using different correlations for keff,z, i.e., (i) the most widely used one developed 

by Yagi et al. [11], (ii) the generic one developed by Votruba et al. at Rep up to 1000 for a 

packed bed with 4 mr ms
-1 < dt/dp < 56 mr ms

-1 [10], and (iii) the specific one developed in this 

work. 

Chapter 4 addresses the impact of the axial conduction and the novel heat transfer 

approach developed in Chapter 3, under exothermic reaction conditions setting a high standard 

for modeling accuracy in packed bed reactors. The ODH reaction over a MoVTeNbO/TiO2 

catalyst serves as a case study, emphasizing the importance of understanding and accurately 

modeling heat transfer within reactors. The developed pseudo-local approach is compared and 

evaluated with the conventional heat transfer modeling approaches which are generally applied 

to describe the performance of highly exothermic reactions in packed bed reactors with a dt/dp 

lower than 8 mr ms
-1. Finally, the impact of the axial conductivity in the ODH packed bed 

reactor performance, mainly the prediction of hot spots and thermal runaway, is evaluated 

considering the three different correlations assessed in Chapter 3. 

Last, Chapter 5 provides the general conclusions of this work. Further proposals 

regarding potential research on OCoM reactor and the ODH packed bed reactor are also 

provided. 
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Chapter 2 – Oxidative Conversion of Methane 

(OCoM)  
 

 

 

This Chapter presents the investigation of the Oxidative Conversion of Methane 

(OCoM) within the framework of the C123 European Horizon 2020 integrated project. Section 

2.1 provides a brief introduction on the methane valorization and the main features of OCoM. 

Section 2.2 introduces the procedures followed on the kinetic experimentation, the definitions 

of carbon conversion, selectivity and yields, the reactor model and the contribution analysis. 

Section 2.3 gives details on the kinetic model construction based on both what has been 

reported in literature and experimental observations obtained within the group. Moreover, the 

validation of the OCoM kinetic model is presented. Section 2.4 outlines the C123 process, 

particularly the role of OCoM within it. An analysis of the impact of the operating conditions 

on OCoM is given. The evaluation of real feedstock in the OCoM reactor is made, and further 

C123 process considerations are provided. Last, Section 2.5 presents the conclusion of the 

research done regarding OCoM. 

 

 

 

 

 

 

 

 

 

 

 

 
The results of this chapter are published as: 

 
Romero-Limones A., Poissonnier J., Cheng Y., Mahmoud M., Castillo-Araiza, C. O., 

and Thybaut J. W., (2024). Oxidative Conversion of Methane: maximizing the carbon yield in 

natural gas valorization via the C123 process. Chemical Engineering and Processing-Process 

Intensification. DOI: 10.1016/j.cep.2024.109857 
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2.1 Introduction 

 
The chemical composition of natural gas depends on the location where it is extracted 

and on the processing treatment it receives to remove impurities, even reaching a composition 

of ~100% of methane. Different kinds of natural gas, e.g. shale gas and biogas, exhibit high 

potential for use as feedstock in the petrochemical industry [1–4]. Shale gas, commonly 

containing over 84 % of methane, and 3 – 16% of ethane [5–7], has gained importance in 

industrial chemical processes since the so called “shale gas revolution” [8,9] increasing the 

extraction of natural gas from shale rock formations among the other wells, i.e., gas, coalbed 

and oil wells [8,9]. Biogas has been a topic of recent research efforts because of its potential as 

renewable energy source [10], rather than its valorization into chemicals. To better exploit these 

resources, while reducing the carbon footprint of natural gas from the petrochemical industry 

[11,12], and to transition to a less energy-intensive methane conversion technology than 

methane reforming [13], it is imperative to find novel approaches to convert methane into higher 

value products [14–16]. 

In this Chapter, a detailed study of the proposed Oxidative Conversion of Methane 

(OCoM), as part of the C123 European Horizon 2020 integrated project [14,16], is done 

targeting the valorization of methane (C1) into C2 species as a feedstock for the further C3 

species production, mainly propanal, via ethylene hydroformylation. 

2.2 Procedures 

 
2.2.1 Experimental 

 
The OCoM experiments were performed over a MnNaW/SiO2 catalyst in a lab-scale 

fixed-bed reactor operated isothermally in the plug-flow regime, i.e., overcoming heat and mass 

transfer limitations and pressure drop through the catalyst bed [17]. This catalyst is selected for 

OCoM because of its good stability (> 90h), high temperature performance (850 

°C) without indications of deactivation [18] and trade-off between methane conversion (30% 

mol mol-1) and C2 selectivity (80% mol mol-1) [19–23]. The catalyst was kindly provided by 

Johnson-Matthey and shared within the C123 project [14]. Experimental data were collected 

by means of a calibrated gas chromatograph (μ-GC, Agilent Industries 3000A). The operating 

conditions of the experiments are presented in Table 2.1. The catalyst loading was set to 50 

mg. The kinetic experiments were performed at temperatures below 850 °C to ensure long- 
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term catalyst stability [21]. More details concerning the setup utilized have been reported 

previously by our group [24]. 

Table 2.1. Operating conditions of the OCoM experiments 
 

Variable Range Units 

Temperature 800 – 850 °C 

Total pressure 100 kPa 

Space time 2 – 2.5 kgcat s mol-1
 

CH4/O2 inlet molar ratio 3 – 5 mol mol-1 

CO2 inlet molar fraction 0 – 20 % 

He dilution molar fraction 50 % 

 

 

2.2.2 Definitions 

 
Because the reactions investigated in this work involve several carbon-containing 

components, the carbon conversion, XC, the selectivity towards carbon species products, Si, 

and the yield of the carbon species products, Yi, were determined as follows: 

 
FC,in−FC,out 

X   = × 100 = 
Moles of carbon reacted 

[mol mol-1]
 

C FC,in Moles of carbon fed as reactant 

(2.1) 

 
𝑁𝐶,𝑖(Fi,out−Fi,in) 

S  = × 100 = 
Moles of carbon of species i produced    

[mol mol-1]
 

i FC,in−FC,out Moles of carbon reacted 

(2.2) 

 
𝑁𝐶,𝑖(Fi,out−Fi,in) 

Y = × 100 = 
Moles of carbon of species i produced 

[mol mol-1]
 

i FC,in Moles of carbon fed as reactant 

(2.3) 

 
In addition, a relevant carbon yield taking into account the cumulative yield of ethylene 

and CO is considered. 

2.2.3 Reactor model 

 
The (outlet) molar flow rate of component i is calculated by solving the set of ordinary 

differential equations (ODEs) given by Eq. (2.4), that describes the mass balance for each 

component i in an infinitesimal element of fixed bed reactor considering plug flow. 

   𝑑𝐹𝑖     = 𝑅
 

𝑑𝑊𝑐𝑎𝑡 
𝑖
 

(2.4) 

 
This equation describes an isobaric, isothermal, one-dimensional pseudo-homogeneous 

continuous integral fixed-bed reactor model. As the experiments were performed at intrinsic 
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kinetics conditions, terms corresponding to intra and inter-particle transport limitations were 

omitted from Eq. (2.4). The net formation rate of the component i, Ri, is obtained by the 

summation of the specific reaction rates: 

 
𝑅𝑖 = ∑𝑛 

1 𝜈𝑖,𝑗𝑟𝑗 
𝑗= (2.5) 

 
The specific reaction rates, rj, are determined from rate expressions shown in Eqs. (2.9) 

– (2.11), see Section 2.3.4. 

The resulting set of ordinary differential equations is solved using a fourth-order 

Runge-Kutta-Fehlberg method [25]. The kinetic parameter estimation is done using a weighted 

regression [26] according to the Levenberg-Marquardt algorithm [27], as available in 

ODRPACK [28], by the minimization of the sum of squares of the weighted residuals between 

the experimental molar flow rates and the model calculated ones: 

 
𝑁 

M 2 
φ ,φ  ,…,φ 

RSS(φ) = ∑ W ∑ (F − F̂ ) →
1
− 

2 
−− 

n 
min 

i k,i k,i − −− → 
i=1 

k=1 

 

(2.6) 

The dependence of the Residual Sum of Squares (RSS) on various responses is adjusted 

by weights Wi assigned to the ith response, allowing for accurate estimates of all adjustable 

parameters. Statistical tests are conducted to assess the performance of the kinetic model. The 

individual significance of each model parameter is determined by verifying that their 95% 

confidence interval does not include zero. Moreover, a correlation matrix shows the binary 

correlations between all model parameters, ranging from -1 to 1. When the absolute value of 

the binary correlation coefficient two parameters is below 0.95, it is considered that these 

parameters are statistically uncorrelated. The F test is used to determine the global significance 

of the regression, with an F value exceeding the tabulated one indicating that the regression 

sum of squares significantly exceeds the residual sum of squares divided by the corresponding 

degrees of freedom. The overall model behavior is also visually assessed using parity diagrams 

and performance plots of the carbon species selectivity as a function of the methane conversion. 

Both visual tools allow for a comparison between the experimental and simulated data. 

2.2.4 Contribution analysis 

 
A contribution analysis was conducted on the various reactions included in the model, 

following the methodology outlined in the existing literature [29]. This approach proves highly 

valuable for quantifying the relative significance of different reactions within a kinetic model, 

as it incorporates both kinetic and concentration effects by relying on reaction rates. 
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Specifically, the integral contribution factor (φj) associated with reaction j in a given 

experiment is defined as the ratio of the rate of the reaction j to the sum of all the reaction rates 

at a specific location within the reactor. 

 

𝑗 𝑗 

Integral contribution factors are established through the integration of rates throughout 

the reactor, i.e., the catalyst bed, see Eq. (2.8), employing the trapezoid formula. 

𝑊𝑐𝑎𝑡 

𝑟𝑖𝑛𝑡,𝑗 = ∫ 𝑟𝑗 𝑑𝑊 (2.8) 
0 

For brevity, in the following sections, reaction rates refer to the integral reaction rates 

instead of reaction rates at the outlet of the reactor, unless explicitly mentioned otherwise. 

2.3 Kinetic model construction 

 
2.3.1 Reaction network 

 
As a first step in the construction of the kinetic model, twelve global reactions are 

proposed taking as reference different reaction networks reported in literature [18,30,31], see 

Figure 2.1. 

 

 
 

Figure 2.1. Simplified reaction network describing OCoM focusing on the 

carbon containing components. 

The primary steps are the oxidation of methane in three parallel reactions: (1) 

Oxidative Coupling of Methane (OCM), producing ethane; (2) Total Oxidation of Methane 

(TOM), producing CO2; and (3) Partial Oxidation of Methane (POM), producing CO. 

Subsequently, the produced ethane from the OCM is oxidized in three different reactions: (4) 

𝑟𝑗 
φ𝑗 = 

∑ 𝑟
 (2.7) 
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the Oxidative Dehydrogenation of Ethane (ODH), producing ethylene; (5) the Total Oxidation 

of Ethane (TOE), producing CO2; and (6) the Partial Oxidation of Ethane (POE), producing 

CO. Ethylene is oxidized via (7) the Total Oxidation of Ethylene (TOEt), producing CO2, and 

(8) the Partial Oxidation of Ethylene (POEt), producing CO. All these oxidation reactions also 

produce water. As last oxidation, the (9) Total Oxidation of CO (TOCO), producing CO2, is 

considered. Due to the high temperatures (> 800 °C) and total oxygen conversion, the non- 

oxidative (10) Thermal Dehydrogenation of Ethane (TDE) is also considered. Furthermore, the 

presence of water has led to the inclusion of the (11) Steam Methane Reforming (SMR), and 

the (12) Water Gas Shift Reaction (WGSR) in the kinetic model. In addition to the simplified 

representation of the reaction network in Figure 2.1, a comprehensive version of the network 

is given in Table 2.2. 

Table 2.2. Reactions considered for the kinetic model 
 

Acronym Steps Reaction steps 

OCM 1 CH + 
1 

O   → 
1 

C H   + 
1 

H O 
4 4     2 2    2    6 2 2 

TOM 2 CH4 + 2O2 → CO2 + 2H2O 

POM 3 CH + 
3 

O   → CO + 2H O 
4 2     2 2 

ODH 4 C H + 
1 

O   → C H   + H O 
2    6 2 2 2    4 2 

TOE 5 C H + 
7 

O   → 2CO   + 3H O 
2    6 2 2 2 2 

POE 6 C H + 
5 

O   → 2CO + 3H O 
2    6 2 2 2 

TOEt 7 C2H4 + 3O2 → 2CO2 + 2H2O 

POEt 8 C2H4 + 2O2 → 2CO + 2H2O 

TOCO 9 CO + 
1 

O → CO 
2 2 2 

TDE 10 C2H6 → C2H4 + H2 

SRM 11 CH4 + H2O → CO + 3H2 
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WGSR 

 
12 

 
CO + H2O → CO2 + H2 

 

 

2.3.2 Catalyst testing experiments - effect of the methane to 

oxygen inlet molar ratio 

The operating condition effects on the methane and oxygen conversion, the selectivity 

towards CO, CO2, ethane, ethylene and C2 species (C2 = C2H6 + C2H4), and the water and H2 

outlet molar flow rates are assessed in this section. In addition, it should be mentioned that no 

significant effect of co-feeding CO2 was observed when the MnNaW/SiO2 catalyst was tested. 

For the sake of brevity, these experimental observations are presented in Appendix 2A. 

Figure 2.2a depicts the effect of the CH4/O2 inlet molar ratio on the selectivities 

towards the different carbon species. Four clear trends can be discerned with increasing CH4/O2 

inlet molar ratio from 3 to 5 mol mol-1, which was achieved by decreasing the amount of oxygen 

in the feedstock while keeping the amount of methane fixed. The methane conversion and CO 

selectivity decrease from 16% to 12% mol mol-1 and 26% to 21% mol mol-1, respectively, 

while the oxygen conversion and ethane selectivity increase from 25% to 36% mol mol-1 and 

30% to 38% mol mol-1, respectively. The trade-off between methane conversion and ethane 

selectivity is consistent with what has been reported in literature [32], confirming that at these 

operating conditions OCM effectively takes place. The CO selectivity exceeds the CO2 

selectivity in the range of CH4/O2 inlet molar ratio from 3 to 5 mol mol-1, indicating that the 

partial oxidations, i.e., POE, POEt, and POM, are favored over the total oxidations, i.e., TOM, 

TOE, and TOEt. Both the CO and CO2 selectivity decrease with increasing methane to oxygen 

ratio, but also get closer to each other, suggesting the potential occurrence of the Total Oxidation 

of CO (TOCO) at high methane to oxygen ratios. 

As the CH4/O2 inlet molar ratio increases from 3 to 4 mol mol-1, there is a slight 

decrease in selectivity towards ethylene and CO, from 26% to 22% mol mol-1 and 27% to 25% 

mol mol-1, respectively, while the overall C2 selectivity remains the same. This suggests a 

contribution of Oxidative Dehydrogenation of Ethane (ODH) to ethylene, mainly at CH4/O2 

inlet molar ratio of 3 mol mol-1. With a further increase in the CH4/O2 inlet molar ratio from 4 

to 5 mol mol-1, both ethylene and ethane selectivities increase from 22% to 24% mol mol-1, and 

from 33% to 38% mol mol-1, respectively. Conversely, the selectivity towards CO and CO2 

decreases from 25% to 21% mol mol-1 and 19% to 17% mol mol-1, respectively. This indicates 
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cat 

cat 4 2 

 

that the contribution of the Total Oxidation of Ethane (TOE), the Partial Oxidation of Ethylene 

(POEt), the TOEt, and the POE, is reduced as the oxygen content decreases. Moreover, the 

methane conversion and CO2 selectivity slightly decrease in the same way, showing that the 

extent of the Total Oxidation of Methane (TOM) is limited. 

Figure 2.2b illustrates the effect of the CH4/O2 inlet molar ratio on the H2 and water 

molar flow rates. As the CH4/O2 inlet molar ratio increases from 3 to 5 mol mol-1 the molar 

flow rate of H2 decreases from 57 to 27 mmol s-1 kg -1. The molar flow rate of water increases 
from 26 to 37 mmol s-1 kg -1 when the CH /O inlet molar ratio increases from 3 to 4 

cat 4 2 

mol mol-1, and decreases from 37 to 30 mmol s-1 kg -1 when the CH /O inlet molar ratio further 

increases from 4 to 5 mol mol-1. Indeed, the increase of water with the CH4/O2 inlet molar ratio 

from 3 to 4 mol mol-1 confirms that partial and total oxidations are taking place, while the 

decrease of water when the CH4/O2 inlet molar ratio increases from 4 to 5 mol mol-1 suggests 

that water is reacting with methane, e.g., via the steam reforming of methane (SRM). Moreover, 

as the CO selectivity also decreases at these conditions, the Water Gas Shift Reaction (WGSR) 

can also take place. As H2 is not produced directly from partial or total oxidations, it is most 

likely produced from the SRM and WGSR. 

 

 

Figure 2.2. (a) Methane and oxygen conversion and selectivities towards ethane, 

ethylene, C2, CO and CO2 as a function of the CH4/O2 inlet molar flow ratio. (b) Molar 

flow rates of H2 and water as a function of the CH4/O2 inlet molar flow ratio. T = 800 

°C, ptot = 100 kPa, Wcat/FCH4,in = 2.50 kgcat s mol-1. Lines are added to guide the eye. 
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2.3.3 Catalyst testing experiments – effect of temperature 

 
Figure 2.3a illustrates the temperature effect on the methane and oxygen conversion 

and the selectivities towards the different carbon species. With increasing temperature, the 

methane conversion, oxygen conversion and ethylene selectivity increase, while the ethane 

selectivity decreases. This is consistent with what is generally proposed in the literature 

[18,30,33], i.e. ethane is produced from methane and ethylene is consecutively formed from 

ethane. The C2 selectivity decreases from 65% mol mol-1 at 800 °C to 58% mol mol-1 at 825 °C 

and remains constant when further increasing the temperature from 825 °C to 850 °C. This 

indicates that, due to the high temperatures (850 °C) and the possibility to operate under both 

oxygen rich and oxygen-lean conditions, the production of ethylene can occur via both Thermal 

Dehydrogenation of Ethane (TDE) and ODH. Two opposite trends can be seen in the selectivity 

towards carbon oxides with increasing temperature. From 800 °C to 825 °C, the selectivity 

towards CO2 decreases from 20% to 15% mol mol-1, while the selectivity to CO increases from 

15% to 28% mol mol-1, and from 825 °C to 850 °C, both selectivities remain constant. From 

800 °C to 825 °C, the partial oxidations, i.e., production of CO, are more likely to occur than 

the total oxidations, i.e., production of CO2. As mentioned in the previous section, the partial 

oxidation of C2 species as well as of methane are taking place. Moreover, the CO2 selectivity 

decreases as the methane conversion increases, suggesting that the TOM is hindered. When 

further increasing the temperature from 825 °C to 850 °C, the selectivity towards CO, CO2 and 

C2 remains essentially the same. 

Figure 2.3b illustrates the effect of the temperature on the H2 and water molar flow 

rates. The production of both compounds increases with the temperature. The increasing water 

molar flow rate, i.e., from 35 mmol s-1 kgcat
-1 at 800 °C to 98 mmol s-1 kgcat

-1 at 850 °C, is more 

pronounced than that of the H2 molar flow rate, i.e., from 27 mmol s-1 kgcat
-1 at 800 °C to 45 

mmol s-1 kgcat
-1 at 850 °C. This is in line with the increasing trend of oxygen conversion, i.e., 

partial and total oxidations that produce water. The H2 molar flow rate increases smoothly with 

the temperature, indicating that, as long as oxygen is not totally consumed, the non-oxidative 

reactions are less favored as the temperature increases compared to the oxidative reactions. 
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Figure 2.3. (a) Methane and oxygen conversion and selectivities towards ethane, 

ethylene, C2, CO and CO2 as a function of the temperature. (b) Molar flow rates of H2 

and water as a function of the temperature. CH4/O2 = 4 mol mol-1, ptot = 100 kPa, 

Wcat/FCH4,in = 2.50 kgcat s mol-1. Lines are added to guide the eye. 

2.3.4 Rate equations 

 
The rate equations of the twelve reaction steps, see Table 2.2, are presented as follows: 

 
 

rj  = k0,je
−Eaj/RTpC,jpO  ,j j = 1 − 9 

2 
(2.9) 

r10 = k0,10e−Ea10/RTpC H  ,10 
2   6 

(2.10) 

rj  = k0,je
−Eaj/RTpC,jpH  O,j j = 11 − 12 

2 
(2.11) 

 
Eq. (2.9) indicates the nine oxidative reactions, while the subscript C specifies the 

carbon species considered in the reaction j, i.e., methane, ethane, ethylene, or CO, Eq. (2.10) 

describes the non-oxidative TDE, and Eq. (2.11) describes those reactions where water reacts 

with the carbon species. The calculation of the reaction rates, rj, requires the corresponding pre-

exponential factor, k0,j, activation energy, Eaj, and partial pressure of the reactants i, pi, for the 

reaction. 

2.3.5 Model performance 

 
The parameter estimates, along with their corresponding confidence intervals, 

obtained after regression of the kinetic model to the experimental data are presented in Table 

2.3. 
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Table 2.3. Parameter estimates and corresponding 95% confidence intervals 

from the OCoM kinetic model over the MnNaW/SiO2 catalyst. 
 

Acronym k0 

 
[mmol s-1 kgcat

-1 Pa-2] 

Ea 

 
[kJ mol-1] 

OCM 1.95  104 ± 1.11  103 227 ± 6 

TOM 3.07  10-1b 210b 

POM 6.90  10-2 ± 4.08  10-3 129 ± 14 

ODH 2.86  102 ± 8.25  10 176 ± 79 

TOE 1.47  10-1 ± 5.95  10-2 107 ± 39 

POE 4.65  10b 224b 

TOEt 9.53  10-2b 136b 

POEt 2.64  105 ± 6.51  104 242 ± 60 

TOCO 5.99  102 ± 2.18  102 204 ± 39 

TDE 2.45  108 ± 8.71  107a 220 ± 11 

SRM 7.88  104 ± 2.01  104 262 ± 3 

WGSR 2.84  10b 161b 

a units [mmol s-1 kg -1Pa-1]. b No statistically significant values determined 
cat 

 

The initial guesses for the activation energies and pre-exponential factors were chosen 

from physically realistic values reported in literature [30,31,33,34]. No statistically significant 

values were obtained for the parameters corresponding to TOM, POE, TOEt, and WGSR. After 

an analysis of the reaction rates, see Appendix 2B, these four reactions were omitted from the 

kinetic model because their reaction rates are one or more orders of magnitude lower than those 

of the other reactions. It is noteworthy that the reactions were removed one by one starting with 

POE, then TOM, TOEt, and lastly WGSR. 
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The model comprising the remaining eight global reactions is globally significant with 

an F value of 636, exceeding the tabulated one of 3 by two orders of magnitude. The estimated 

pre-exponential factors and activation energies are within the range of those reported in 

literature [13,33–35], and the highest absolute value determined for the binary correlation 

coefficients amounts to 0.85, indicating that the parameters are statistically uncorrelated. 

Figure 2.4 highlights the correspondence between model simulations and experimental 

observations in a parity plot. The kinetic model exhibits a good fit to the observations over the 

range of the experimental conditions presented in Table 2.1 and no evidence of any systematic 

deviations can be observed. Moreover, Figure 2.5 compares the experimentally observed and 

model simulated evolution of carbon species selectivity as a function of methane conversion at 

the operating conditions. At low methane conversion, the ethane selectivity is the highest 

among the carbon species. From the primary step reactions, i.e., OCM and POM, the OCM 

pre-exponential factor is six orders of magnitude higher than the one of POM. This significant 

difference results in a higher simulated production of ethane than of CO. From the ethane 

oxidations, the ODH pre-exponential factor is three orders of magnitude higher than the one 

from TOE, resulting in the simulation of more ethylene than CO2. This stems from ethane being 

converted more to ethylene at higher methane conversion. The pre-exponential factor of the 

TDE cannot be directly compared with the pre-exponential factor of the other reactions as it is 

a monomolecular rather than a bimolecular one. Nevertheless, the analysis of the reaction rates 

presented in Appendix 2B shows that the TDE rate has the same order of magnitude as the one 

of ODH at 800 °C and is one order of magnitude higher than the ODH rate at 850 °C. Thus, at 

high temperature (850 °C) ethylene tends to be produced more from the non-oxidative TDE 

than from ODH. From the bimolecular reactions proposed in the kinetic model, POEt and SRM 

have the highest pre-exponential factor, both producing CO. This explains why CO has the 

second highest selectivity among the carbon species at high methane conversions. Furthermore, 

reactions such as SRM, POEt, OCM, and TDE have activation energies equal to or exceeding 

220 kJ mol-1, hence, indicating that these reactions are more sensitive to the temperature, which 

is in line with literature [30,33,36] and with what has been shown in Figure 2.5. If, at high 

temperatures (850 °C), the ethane produced from OCM is totally consumed by the TDE, no 

more ethylene can be formed and the production of CO is favored, mainly through the POEt 

and SRM. 
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Figure 2.4. Parity diagram of the observed and calculated molar flow rates for 

the 8-steps kinetic model. Full line is the first bisector and dashed lines 

represent the 10% deviation. 
 

 
Figure 2.5. Carbon species selectivity as a function of the methane conversion. 

Symbols represent the experimental data and full lines the simulations from 

the kinetic model. 

2.4 The C123 process 

 
2.4.1 General concept 

 
The proposed C123 process configuration, see Figure 2.6, considers as feedstock a 

methane-rich source, e.g., natural gas, shale gas, or biogas, which is mixed with oxygen. Please 

note that a third stream can be fed to the mixer accounting for the recycling of one of the 

separation unit outlet streams set downstream. Then, this mixture of gases is fed into the OCoM 
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reactor, from which the effluent is sent to the subsequent hydroformylation reactor to produce 

propanal from ethylene, CO and hydrogen [14,28]. The HF reactor outlet stream is sent to a 

separation unit that separates the liquid species, i.e., propanal and water, from the unreacted 

gases, i.e., CH4 and CO2, assuming total conversion of ethylene, H2 and CO. The separation 

unit outlet stream containing the gases is led towards the mixer at the beginning of the C123 

process. 

In contrast to what is typically pursued in the OCM literature, OCoM not specifically 

targets a high methane conversion and C2 yield per pass, but rather the production of a suitable 

feedstock for subsequent hydroformylation of ethylene (HF) to propanal, i.e., C2H4/CO/H2 

molar ratio of 1/1/1 and total conversion of oxygen. This can be achieved by exploiting the 

other than OCM reactions and, equally importantly, allows overcoming the challenges related 

to the desired products separation from the single-pass OCM outlet gas mixture. 

Simultaneously, it avoids the presence of oxygen in the outlet stream which can trigger 

undesired performance of HF reactor. The OCoM reactor is the core of the C123 process and 

its performance is assessed making use of the kinetic model developed in the previous section. 

 

 
Figure 2.6. Representation of unit-operations in the C123 process. Depending of the 

methane source, natural gas, shale gas or biogas is considered. The C123 process 

consists of a mixer unit, an Oxidative Conversion of Methane (OCoM) reactor, the 

Hydroformylation of Ethylene reactor (HF), and a separation unit. The separation 

unit separates the C3 liquid species (propanal) and the gas species from the HF outlet 

stream. Gas species are recycled towards the mixer. 

2.4.2 OCoM reactor - temperature assessment 

 
The effect of the temperature on OCoM is illustrated in Figure 2.7. The CH4/O2 inlet 

molar ratio and the Wcat/FCH4,in are set at 4 mol mol-1 and 2.5 kgcat s mol-1, respectively. The 

methane and oxygen conversion increase with the temperature, see Figure 2.7a, amounting to 
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maximally 28% and 85% mol mol-1, respectively, at 850°C, meaning that the desired total 

oxygen conversion for OCoM is not reached yet. At low temperatures (800 °C), i.e., where the 

methane conversion remains as low as 15% mol mol-1, ethane has the highest yield (5% mol 

mol-1) among the other carbon species, see Figure 2.7b. However, as the temperature increases, 

the yields of the C2 species, ethylene, CO and CO2 increase, while the ethane yield slightly 

decreases. Because the ethylene and CO yield exhibit a similar increase as the temperature 

increases, the C2H4/CO molar ratio slightly increases from 0.5 to 0.65 mol mol-1 with 

temperature from 800 °C to 830 °C, and then its value remains constant from 830 °C to 850 °C. 

The yield trends can be interpreted in terms of the simulated reaction rates shown in Figure 

2.7c and the contribution factors displayed in Figure 2.7d – g. OCM has the highest reaction 

rate among the eight kinetically relevant reactions, which is in line with the fact that ethane is 

formed in one of the primary reaction steps. At 800 °C, POM exhibits the second highest rate 

(0.58 mmol kg -1 s-1) between the other reaction rates. Nevertheless, as the temperature 

increases from 800 °C to 850 °C, the SRM rate approximates that of the POM. This change in 

the reaction rates explains the distribution of the methane conversion depicted in Figure 2.7d 

and e. Methane conversion occurs mainly (80% mol mol-1) via OCM. At 800 °C, 3% mol mol- 

1 of methane conversion occurs via SRM, representing the 14% mol mol-1 of CO production, 

while 17% mol mol-1 of methane conversion proceeds via POM, amounting to 79% mol mol-1 

of CO production. As the temperature increases to 850 °C, both SRM and POM contribute 

equally, each responsible of 10% mol mol-1 of methane conversion and 40% mol mol-1 of CO 

production. The relevance of SRM is enhanced due to the production of water during the 

hydrocarbon oxidative reactions, i.e., producing CO from methane and water. 

On the other hand, as the temperature increases from 800 °C to 850 °C, the TOE, ODH 

and TDE rates exhibit an increase from 0.26 mmol kgcat
-1 s-1 to 0.41 mmol kgcat

-1 s-1, 0.22 mmol 

kgcat
-1 s-1 to 0.49 mmol kgcat

-1 s-1, and 0.20 mmol kgcat
-1 s-1 to 0.87 mmol kgcat

-1 s-1, respectively. 

These increasing trends indicate that ethane is further converted into ethylene and CO2, being 

the reason why ethane yield does not increase as the temperature rises. At 800 °C ethane is 

further converted as follows: 29%, 33% and 38% mol mol-1 via TOE, ODH and TDE, 

respectively, see Figure 2.7f. While at 850 °C, ethane further conversion occurs through TOE 

and ODH decreases to 23% and 28% mol mol-1, respectively and for TDE increases to 49% 

mol mol-1. This because at 850 °C the TDE rate becomes the second highest reaction rate among 

all reaction rates, contributing to 60% mol mol-1 of ethylene production, see Figure 2.7g. 
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The analysis made of the temperature impact on OCoM indicates that, to reach total 

conversion of oxygen, the maximum temperature possible should be considered in the 

operating conditions. Thus, 850 °C is set for the further operating condition assessment. 
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Figure 2.7. Temperature effect on: (a) Methane and oxygen conversion, (b) carbon 

species yields, (c) reaction rates, (d) CH4 conversion distribution, (e) relative reaction 

rates towards CO production, (f) reconverted ethane distribution, and (g) relative 

reaction rates towards ethylene production. CH4/O2 inlet molar ratio of 4 mol mol-1 

and Wcat/FCH4,in of 2.5 kgcat s mol-1. Symbols are added to distinguish between the 

reactions. 

2.4.3 OCoM reactor – space time assessment 

 
The effect of increasing the Wcat/FCH4,in from 0.5 to 7.5 kgcat s mol-1, by decreasing the 

amount of methane in feedstock while keeping the catalyst mass fixed, on OCoM is illustrated 

in Figure 2.8. The CH4/O2 inlet molar ratio and temperature are fixed at 4 mol mol-1, and 850 

°C, respectively. The methane and oxygen conversion increase with the Wcat/FCH4,in, see Figure 

2.8a. Total oxygen conversion is reached at Wcat/FCH4,in of 6.5 kgcat s mol-1, with the methane 

conversion amounting to 36% mol mol-1. Three different trends can be discerned with respect to 

the yield of the different carbons species as the Wcat/FCH4,in increases, see Figure 2.8b. The 

yields of ethylene and CO increase, the yields towards CO2 and C2 increase up to Wcat/FCH4,in 

of 3 kgcat s mol-1, after which they remain constant, and the ethane yield increases slightly from 

0.5 to 1 kgcat s mol-1 and subsequently decreases. Furthermore, the C2H4/CO molar ratio trend 

follows the same trend as the ethane yield. This is not desired for OCoM, because the C2H4/CO 

molar ratio decreases. 

The reaction rates indicate that OCM has the highest contribution among all the 

reactions, as aforementioned, because ethane is formed in one of the primary reaction steps, 

see Figure 2.8c. From 0.5 kgcat s mol-1 to 2.5 kgcat s mol-1, the oxidative reaction rates, i.e., 

ODH, POM, ODH, TOE, POEt and TOCO, significantly increase, and from 2.5 kgcat s mol-1 to 

6.5 kgcat s mol-1 their rates further slightly increase until reaching a maximum rate due to the 
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total conversion of oxygen. In contrast, the non-oxidative reactions, i.e., TDE and SRM, 

continue to increase from 0.5 kgcat s mol-1 to above 6.5 kgcat s mol-1. 

The effect of having different reaction rate trends for the oxidative and non-oxidative 

can be seen in the conversion distribution of methane, see Figure 2.8d. At 0.5 kgcat s mol-1, 87% 

mol mol-1 of the methane conversion is attributed to OCM, 11% mol mol-1 to POM and 2% 

mol mol-1 to SRM. However, at 7.5 kgcat s mol-1, methane conversion via OCM amounts to 

65% mol mol-1, 8% mol mol-1 via POM and 26% mol mol-1 through SRM. Moreover, the 

increasing contribution of SRM with the Wcat/FCH4,in is also reflected in the CO production, see 

Figure 2.8e. At 0.5 kgcat s mol-1, CO is mainly produced from POM (81% mol mol-1), and, to 

a lower extent, via POEt (7% mol mol-1) and SRM (12% mol mol-1). Nevertheless, at 7.5 kgcat 

s mol-1, CO is produced mostly by SRM (65% mol mol-1), while the rest is produced by POM 

(21% mol mol-1) and POEt (14% mol mol-1). 

Conversely, the further conversion of ethane at 0.5 kgcat s mol-1 approximately equally 

occurs through ODH, TOE, and TDE (~33% mol mol-1), see Figure 2.8f. Nevertheless, at 7.5 

kgcat s mol-1, the further conversion of ethane is largely attributed to TDE (60% mol mol-1), 

while the rest occurs via ODH (22% mol mol-1) and TOE (18% mol mol-1). In terms of ethylene 

production, see Figure 2.8g, the difference between the ethylene produced by TDE and ODH 

becomes more pronounced as the Wcat/FCH4,in increases, being 73% and 27% mol mol-1 of 

ethylene produced via TDE and ODH, respectively, at 7.5 kgcat s mol-1. 
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Figure 2.8. Wcat/FCH4,in effect on: (a) Methane and oxygen conversion, (b) carbon 

species yields, (c) reaction rates, (d) CH4 conversion distribution, (e) relative reaction 

rates towards CO production, (f) reconverted ethane distribution, and (g) relative 

reaction rates towards ethylene production. CH4/O2 inlet molar ratio of 4 mol mol-1 

and temperature of 850 °C. Symbols are added to distinguish between the reactions. 
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The results indicate that the desired total conversion of oxygen is reached at 6.5 kgcat s 

mol-1. Moreover, a higher Wcat/FCH4,in leads to higher CO yields than ethylene yields, 

decreasing the C2H4/CO molar ratio, which is not desired for OCoM purposes. Based on this, 

the Wcat/FCH4,in of 6.5 kgcat s mol-1 is selected for the further operating condition analysis and 

optimization. 

2.4.4 OCoM reactor - methane to oxygen inlet molar ratio 

assessment 

The CH4/O2 inlet molar ratio is varied from 2 to 10 mol mol-1 by decreasing the amount 

of oxygen in feedstock while keeping the amount of methane fixed. The corresponding effect on 

the OCoM behavior is illustrated in Figure 2.9. The Wcat/FCH4,in and temperature are set at 6.5 

kgcat s mol-1, and 850 °C, respectively. The methane conversion decreases from 57% to 19% 

mol mol-1 as the CH4/O2 inlet molar ratio increases from 2 to 10 mol mol-1, while the oxygen 

conversion essentially remains complete, see Figure 2.9a. Being already below 1% mol mol-1, 

the ethane yield is not significantly impacted, while the other carbon species yields decrease 

with increasing CH4/O2 inlet molar ratio, see Figure 2.9b. Furthermore, the decrease of the CO 

and CO2 yields is more pronounced than that of the ethylene yield. This trend is also seen in the 

reaction rates, see Figure 2.9c, where the TDE rate decreases linearly, while the other reaction 

rates exhibit an exponential decrease. At low CH4/O2 inlet molar ratio (2 mol mol-1), i.e., more 

oxygen in the feedstock, the production of CO is higher compared to ethylene. While, at high 

CH4/O2 inlet molar ratio (10 mol mol-1), CO production is lower than ethylene, i.e., TDE rate is 

more pronounced than SRM, leading to an increase in the C2H4/CO outlet molar ratio. In terms 

of methane conversion distribution, the simulation results show that there is no significant effect 

of the CH4/O2 inlet molar ratio, see Figure 2.9d. Because OCM has the highest reaction rate 

among all the reactions, methane conversion occurs for 69% mol mol-1 through it. Furthermore, 

POM and SRM contribute for 9% and 22% mol mol-1 to the methane conversion, respectively. 

This indicates that CO is mainly produced through SRM (56% – 65% mol mol-1), while the rest 

is produced through POM (21% – 26% mol mol-1), and POEt (22% 

– 9% mol mol-1), see Figure 2.9e. 

 
On other hand, with a CH4/O2 inlet molar ratio of 2 mol mol-1, the distribution of 

ethane further conversion occurs as follows: 32% mol mol-1 through ODH, 26% mol mol-1 via 

TOE, and 42% mol mol-1 through TDE, see Figure 2.9f. Moreover, as the CH4/O2 inlet molar 

ratio increases up to 10 mol mol-1, the reconverted ethane distribution mainly takes place via 
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TDE (78% mol mol-1). This is because the TDE rate linearly decreases while ODH and TOE 

rates exhibit a steeper decrease. Regarding the ethylene production, a similar trend is observed, 

see Figure 2.9g. At CH4/O2 inlet molar ratio of 2 mol mol-1, 57% mol mol-1 of ethylene is 

produced via TDE and 43% mol mol-1 through ODH. However, at CH4/O2 inlet molar ratio of 

10 mol mol-1, 86% mol mol-1 of ethylene is produced from TDE and 14% mol mol-1 from ODH. 

Based on the results presented in this section, for OCoM purposes, i.e., high ethylene yield and 

C2H4/CO outlet molar ratio, a high CH4/O2 inlet molar ratio is preferable. 
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Figure 2.9. CH4/O2 inlet molar ratio effect on: (a) Methane and oxygen conversion, 

(b) carbon species yields, (c) reaction rates, (d) CH4 conversion distribution, (e) 

relative reaction rates towards CO production, (f) reconverted ethane distribution, 

and (g) relative reaction rates towards ethylene production. Wcat/FCH4,in of 2.5 kgcat 

s mol-1 and temperature of 850 °C. Symbols are added to distinguish between the 

reactions. 

2.4.5 OCoM reactor - co-feeding ethane assessment 

 
Depending of the source, shale gas might contain a significant amount of ethane, i.e., 

up to 13% [11]. Hence, the effect of co-feeding ethane on OCoM and, more particularly, the 

carbon conversion, carbon species yields and reaction rates, is analyzed in this section. The 

ethane content in the feedstock is varied from 2 to 8 %, by increasing the amount of ethane 

while keeping the amount of methane and oxygen fixed. The amount of inert was adjusted to 

maintain an identical total molar flow rate in all simulations. The CH4/O2 inlet molar ratio, 

Wcat/FCH4,in, and temperature are set at 10 mol mol-1, 6.5 kgcat s mol-1 and 850 °C, respectively. 

Because there is more than one carbon species reacting, the carbon conversion, see Eq. (2.1), 
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is plotted along with the methane, ethane, and the oxygen conversion in Figure 2.10a. With an 

increasing amount of ethane in the feedstock, the methane conversion decreases, while the 

ethane conversion, which consistently exceeds 90% mol mol-1, even slightly increases further. 

This stems from ethane being more reactive than methane [37] and, hence, less oxygen remains 

for ‘activating’ methane. As the amount of ethane in the feedstock increases from 2% to 8% 

mol mol-1, the ethylene yield increases from 14% to 28% mol mol-1, see Figure 2.10b. 

Conversely, the CO yield decreases from 6% to 4% mol mol-1. Thus the C2H4/CO molar ratio 

in the effluent increases with the amount of ethane in the feedstock. These trends are further 

assessed making use of the reaction rates and the contribution factors presented in Figure 2.10c 

– g. The methane oxidation reaction rates, i.e., OCM and POM, decrease as the amount of 

ethane increases in the feedstock, while the ethane consumption rates increase, i.e., ODH, TOE, 

and TDE, see Figure 2.10c, TDE exhibiting the highest rate when the feedstock contains 8% 

of ethane. It is noteworthy that the SRM rate remains constant with the variation of ethane in 

the feedstock. Considering 2% of ethane in the feedstock, the methane conversion occurs as 

follows: 63% mol mol-1 via OCM, 8% mol mol-1 via POM and 29% mol mol-1 through SRM, 

Figure 2.10d. Nevertheless, because SRM rate remains constant with the amount of ethane, but 

OCM and POM rates decrease, when 8% of ethane is considered in the feedstock, the 

conversion of methane mostly occurs via SRM (50% mol mol-1) in that case. CO is, hence, 

mainly produced is via SRM (69% – 80% mol mol-1), see Figure 2.10e. In terms of ethane 

further conversion, from the moment oxygen reaches total conversion, most of ethane further 

conversion takes place through TDE (76% – 83 % mol mol-1), see Figure 2.10f. In the same 

way, most of the production of ethylene proceeds via TDE (85% – 90 % mol mol-1), as indicated 

in Figure 2.10g. 
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Figure 2.10. Effect of co-feeding ethane on: (a) Methane and oxygen conversion, (b) 

carbon species yields, (c) reaction rates, (d) CH4 conversion distribution, (e) relative 

reaction rates towards CO production, (f) reconverted ethane distribution, and (g) 

relative reaction rates towards ethylene production. Wcat/FCH4,in of 6.5 kgcat s mol-1, 

CH4/O2 inlet molar ratio of 10 mol mol-1, and temperature of 850 °C. Symbols are 

added to distinguish between the reactions. 
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2.4.6 Realistic feedstocks assessment 

 
The (once-through) OCoM reactor and the C123 process performance are evaluated 

considering three different feedstocks: natural gas containing only methane (NG), shale gas 

containing methane, CO2 and ethane (SG), and biogas (BG), a mixture of methane and CO2. 

The composition of each feedstock is listed in Table 2.4. It should be mentioned that the results 

discussed in Sections 2.4.2 – 2.4.4 correspond to the NG feedstock. 

Table 2.4. Molar composition of the three different 

feedstocks considered for OCoM 
 

Composition (mol%) 

Component Natural gas 

 
(NG) 

Shale gas 

 
(SG) 

Biogas 

 
(BG) 

Methane 100 85 64 

Ethane 0 8 0 

CO2 0 7 36 

 

 

2.4.7 (Once-through) OCoM reactor performance 

 
Based on the analysis made in the previous sections, the selected operating conditions 

are: temperature of 850 °C, Wcat/FCH4,in of 6.5 kgcat s mol-1 and CH4/O2 inlet molar ratio of 10 

mol mol-1. The calculated oxygen conversion, carbon species conversion, carbon species 

yields, and C2H4/CO molar ratio for the three OCoM feedstocks are depicted in Figure 2.11. 

Total conversion of oxygen is reached for each of the feedstocks (not shown). Moreover, the 

calculated carbon conversion when NG, SG, and BG, are considered as feedstocks amount to 

27%, 31%, and 23% mol mol-1, respectively, see Figure 2.11a. For SG, the methane and ethane 

conversion are visualized by showing them separately. Half of the carbon yield stems from 

methane conversion, while the other half stems from ethane conversion. In comparison with 

the other feedstocks, SG exhibits a higher carbon conversion (31% mol mol-1), higher yield 

towards ethylene (19% mol mol-1), and an ethylene to CO molar ratio closer to one (0.9 mol 

mol-1), see Figure 2.11b. This is because the ethane contained in SG is totally converted, which 
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increases the amount of carbon converted with a factor two compared to methane conversion 

only, particularly via TDE and ODH. Moreover, the C2H4:CO:H2 molar ratio (not shown in the 

Figure) for SG is 1/1.1/3.7, while this ratio for NG and BG amounts to 1/2.7/7.8 and 1/2/5.4, 

respectively. These results show that SG offers more potential than the other feedstocks for 

OCoM, thanks to the ethane content. Additionally, the carbon products obtained are primarily 

ethylene and CO. This reduces the costs associated with the separation process of the desired 

products from the outlet gas mixture. 

 

 
 

 
Figure 2.11. (a) Carbon conversion, and (b) carbon species yields at different 

OCoM feedstock compositions. Operating conditions of the (once-through) 

OCoM reactor: CH4/O2 = 10 mol mol-1, Wcat/FCH4,in = 6.5 kgcat s mol-1, and T = 

850 °C. 
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2.4.8 Process considerations 

 
In addition to the conversion of methane through OCoM, the C123 process also entails 

the production of C3 species from the OCoM effluent via hydroformylation, see Figure 2.6. 

As demonstrated in Section 2.4.7, the OCoM reactor achieves its highest performance 

when working with SG as feedstock and with full ethane conversion. Apart from the desired 

components for hydroformylation, i.e., ethylene, CO and H2, the OCoM reactor effluent also 

contains unreacted methane, the methane conversion amounts to 15% mol mol-1, and, 

unavoidably, CO2. As the CO2 yield during OCoM only amounts to 2% mol mol-1, the CO2 

mostly originates from the feedstock. It is assumed that methane and CO2 are inert compounds 

in the HF reactor. To avoid significant methane emissions from the C123 process, this methane 

and CO2 are recycled to the feed mixer unit. 

To preserve the validity of the (once-through) OCoM reactor calculations presented in 

Section 2.4.7, i.e., a carbon conversion amounting to 31% mol mol-1 and an ethylene yield of 

19% mol mol-1, the corresponding C123 process feedstock should be back-calculated. It should 

contain less of the recycled compounds (CH4/CO2) and more of the unrecycled ones (C2H6) 

such that the (once-through) OCoM reactor feedstock used in Section 2.4.7, i.e., a 

CH4/C2H6/CO2 inlet molar ratio of 85/8/7 and CH4/O2 inlet molar ratio of 10 mol mol-1, remains 

valid after mixing the C123 process feedstock with the recycle stream. As CO2 is produced but 

further considered inert in the OCoM reactor (and in the HF reactor, see above), a purge is 

required to prevent CO2 from infinite accumulation and maintain the desired OCoM reactor 

feedstock composition. By considering shale gas with a higher content of ethane, i.e., up to 

16% [7], as the C123 process feedstock, a composition, after mixing with the recycle stream 

containing methane and CO2, of the OCoM reactor feedstock close to the one presented in 

Section 2.4.7 is envisaged. Consequently, this leads to an OCoM reactor product composition 

similar to that presented for the (once-through) OCoM reactor. In this way methane removal is 

limited to a minor amount together with the unavoidable CO2 purging. Moreover, ca. twice the 

amount of oxygen considered for the (once-through) OCoM reactor calculations should be fed 

to maintain the CH4/O2 inlet molar ratio of 10 mol mol-1 in the C123 process. 

Although we consider the HF reactor to selectively produce C3 species, it should be 

noted that ethane can be formed as a by-product in the HF reactor via ethylene hydrogenation 
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[38]. Recycling this ethane alongside methane and CO2 will have a beneficial effect on the 

OCoM reactor performance, as explained above. 

Furthermore, as the targeted equimolar mixture between ethylene and CO is not 

obtained, the C2H4/CO ratio amounted to 0.9 mol mol-1 in the (once-through) OCoM reactor 

calculations, only 90% mol mol-1 conversion of CO can be reached in the HF reactor. Thus, in 

a detailed design, the remainder CO needs to be considered in the recycling stream. The fate of 

CO in the OCoM reactor has not been explicitly considered, but it is most likely to be subject to 

total oxidation (TOCO). Thus, the amount of CO from the recycling stream is most likely to be 

converted into CO2 in the OCoM reactor and, hence, should be kept as limited as possible. 

The total inlet molar flow for the C123 process, before mixing with the recycle stream, 

is adjusted such that after mixing the composition corresponds to the one computed for the 

(once-through) OCoM simulations. The performance validation of the C123 process is thus 

ensured and, consequently the calculations performed for the (once-through) OCoM reactor 

can be considered valid during the C123 process operation. 

2.5 Conclusions 

 
The Oxidative Conversion of Methane (OCoM) has been proposed as a promising 

concept to valorize methane into ethylene and CO serving as an optimal feedstock towards 

ethylene hydroformylation for C3 production, relevant for the growing polypropylene market. 

An OCoM kinetic model, trained and validated against experimental data acquired on a 

MnNaW/SiO2 catalyst, was employed for assessing the potential OCoM behavior as a function 

of the operating conditions, more particularly, pursuing total oxygen conversion, maximal 

ethylene yield and an as close to equimolar C2H4/CO ratio as possible. The optimal operating 

conditions determined are a temperature of 850 °C, Wcat/FCH4,in of 6.5 kgcat s mol-1 and CH4/O2 

inlet molar ratio of 10 mol mol-1. At these conditions, the reaction rates of the Oxidative 

Coupling of Methane (OCM), the Steam Reforming of Methane (SRM) and the non-oxidative 

Thermal Dehydrogenation of Ethane (TDE) are the highest. Three different real feedstocks 

were assessed in OCoM reactor simulations, leading to the conclusion that shale gas is the most 

promising feedstock for OCoM, i.e., high carbon conversion (31% mol mol-1), high ethylene 

yield (19% mol mol-1) and C2H4/CO/H2 molar ratio of 1/1.1/3.7. This leads to a more suitable 

OCoM outlet stream for further ethylene hydroformylation. Additionally, the high yields 

towards ethylene and CO from OCoM allow minimizing the energetic and economic 
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challenges of desired products separation from the downstream process. Last, details of the 

C123 process performance are given by providing some considerations to adjust the C123 

process feedstock composition, considering the recycling stream within the process, such as 

that obtained for the (once-through) OCoM reactor calculations. This validates the C123 

process viability through those calculations computed for the (once-through) OCoM reactor. 

The findings of this lab-scale study offer insights for future investigations focused on 

process optimization, intensification, and strategies to maximize carbon yields from natural gas 

valorization. Within the framework of the circular economy for hydrocarbons, particularly on 

the assessment of potential highly exothermic reaction to industrialize as alternative of the 

conventional processes, an analysis of the fundamentals of a multitubular Oxidative 

Dehydrogenation of Ethane packed bed reactor is given in the next chapters. 
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Appendices 

 
Appendix 2A Effect of CO2 in the feedstock 

 
CO2 is a significant component found in both natural gas and biogas, with 

concentrations reaching up to 7% and 60%, respectively [39,40]. Because of this, an 

experimental campaign was conducted to analyze its influence on methane and oxygen 

conversion, and carbon species selectivities. The experimental results are illustrated in Figure 

2A.1, indicating that the presence of CO2 during co-feeding did not result in any significant 

changes in the performance of the MnNaW/SiO2 catalyst, i.e., methane and oxygen conversion 

remain constant. Based on these results, no CO2 reactions, e.g., the Reverse Water Gas Shift 

reaction (RWGSR) or Dry Reforming of Methane (DRM), are considered in the kinetic model. 

 

 

Figure 2A.1. Conversion and selectivity as a function of the CO2 content in 
feedstock. CH4/O2 = 4 molCH4,in mol -1, p = 1 bar, W /F = 2.50 kg s 

mol -1. Lines are added to show experimental trends. 

 

 

Appendix 2B Reaction rates analysis 

 
A reaction rates analysis was conducted for the reactions proposed in Section 2.3.1 at 

different operating conditions to assess the significance and reliability of each reaction in the 

kinetic model. The effect of the CH4/O2 inlet molar ratio, by decreasing the amount of oxygen 

in feedstock while keeping the amount of methane fixed, on OCoM is depicted in Figure 2B.1a. 
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As discussed in Section 2.3.5, the kinetic parameters associated with the TOM, WGSR, POE 

and TOEt showed no statistically significant values. These reactions exhibited computed 

reaction rates one or more magnitude orders lower than the TOCO, which demonstrated 

statistically significant values. Moreover, Figure 2B.1b illustrates the effect of the temperature 

on the OCoM reaction rates, reaffirming that the reaction rates of the TOM, WGSR, POE and 

TOEt were one or more magnitude orders lower than TOCO. Based on these results, these four 

reactions are excluded from the kinetic model. It is noteworthy that the reactions were removed 

one by one starting with POE, then TOM, TOEt, and lastly WGSR. 

 

 

Figure 2B.1. Computed reaction rates from the OCoM kinetic model as 

function of the (a) CH4/O2 inlet molar ratio with a fixed temperature of 800 °C 
and Wcat/FCH4,in of 2.5 kg s mol -1, and as a function of the (b) temperature 
with a fixed CH4/O2 inlet molar ratio of 4 molCH4,in mol 

-1 
O2,in cat CH4,in 

2.5 kg s molCH4,in
-1. Symbols are added to distinguish between the reactions. 
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Chapter 3 – Transport phenomena within a 

packed bed reactor with low dt/dp 
 

 

This Chapter elaborates on the procedures adopted in this thesis to characterize the 

phenomena transport mechanism within a bench-scale and an industrial-scale single-tube 

packed bed with a tube-to-particle diameter ratio of ~3 mr ms
-1. Section 3.1 provides a brief 

introduction of the problem statement, i.e., the reliable characterization and understanding of 

transport phenomena within a packed bed with low dt/dp (< 8 mr ms
-1). Section 3.2 introduces 

the experimental set-ups and the operating conditions at which both the pressure drop, and 

temperature gradient experiments are performed. Section 3.3 provides a detailed approach for 

computing fluid dynamics, i.e., axial velocity profiles. Solid-fluid interactions at the center of 

the bed characterized by the apparent permeability constants (K and Kz), and solid-fluid and 

fluid-fluid interactions close to the wall quantified by the effective viscosity (μeff) are 

elucidated. Section 3.4 outlines the experimental and theoretical methodology to characterize 

the axial and radial heat transfer mechanisms within the packed beds. Details of the main heat 

transfer mechanisms within the packed beds are provided. A non-reactive adiabatic scenario 

with radial temperature uniformity is used to estimate keff,z via regression and to develop a 

corresponding correlation. Then, the pseudo-local approach developed in this work, accounting 

for the pseudo-local radial effective conductivity (keff,r,PLA) as a function of the radial void 

fraction and fluid dynamics, is introduced. Additionally, based on the adequate internal heat 

transfer characterization, the external wall heat transfer coefficient (hw,ext) is characterized. The 

temperature profiles computed, accounting for the keff,z and the pseudo-local approach, are 

compared with profiles obtained based on conventional approaches from literature. Once 

keff,r,PLA and hw,ext are determines, an analysis of the heat transfer resistances effect is presented. 

Last, Section 3.5 presents the conclusion of research done regarding the transport phenomena 

characterization. 

Part of the results of this chapter are published as: 

 
Romero-Limones A., Poissonnier J., Thybaut J. W., and Castillo-Araiza C. O., (2023). A 

pseudo-local heat transfer approach in a low tube to particle diameter ratio packed bed catalytic 

reactor: Oxidative Dehydrogenation of ethane as a case study. Chemical Engineering Journal. 

DOI: 10.1016/j.cej.2022.140392 
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Romero-Limones A., Poissonnier J., Castillo-Araiza C. O., and Thybaut J. W., (2023). 

Avoiding false runaway prediction by properly describing axial conductive heat transfer in a 

low dt/dp industrial-scale packed bed reactor. Chemical Engineering Journal. DOI: 

10.1016/j.cej.2023.146167 
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3.1 Introduction 

 
Within the framework of the circular economy for hydrocarbons, a lab-scale perspective 

to valorize methane from three different natural gas feedstocks has been presented through the 

assessment of the novel OCoM was presented in Chapter 2. Now, an industrial perspective 

analysis for the Oxidative Dehydrogenation of Ethane (ODH) is carried out. 

Wall-cooled packed bed catalytic reactors with a low tube-to-particle diameter ratio 

(dt/dp < 8 mr ms
-1), have been extensively employed in the petrochemical industry for highly 

exothermic reactions, such as the selective oxidation of o-xylene, ethylene, among others 

hydrocarbons [1–4]. In fact, it has been reported that the first commercialization of the ODH 

has been done in a multitubular packed bed reactor [5]. The recent industrialization of the ODH, 

as well as the upcoming implementations coming worldwide [6], demand for effective and 

reliable reactor models accounting for the role of ODH kinetics and transport phenomena, 

primarily heat transfer and fluid dynamics, for conceptual design, control, and optimization. 

This is because, despite decades of study, the main challenge that still needs to be addressed is 

the minimization of the extent of undesired total oxidation reactions leading to hot spots and 

runaway scenarios, which occurs due to the high sensitivity on the operating conditions, e.g., 

inlet temperature, cooling temperature, feedstock composition. 

The assessment of an ODH packed bed reactor is split in two Chapters. The analysis 

and characterization of transport phenomena, particularly fluid dynamics and heat transfer, 

within a bench-scale and industrial-scale packed bed with a dt/dp ~ 3 mr ms
-1 under non-reactive 

conditions is presented in this Chapter. While the integration of transport phenomena and 

intrinsic kinetics into the ODH reactor model is given in Chapter 4. 

3.2 Experimental systems (bench-scale and industrial-scale) 

 
A schematic diagram, representative for both the bench and the industrial-scale packed 

bed reactor, is shown in Figure 3.1. The different ways in which the packed bed set-up can be 

operated, depending on which information is pursued, i.e., pressure-drop, axial temperature 

gradients or axial and radial temperature-gradients, are depicted. The bench-scale packed bed 

is a tube, with a length of 0.5060 mr and a diameter of 0.0254 mr, packed with ca. 300 g (400 

pellets) and 1.73 kg (2260 pellets) for the bench- and industrial-scale packed bed reactor, 

respectively. The pellets are spherical catalyst particles with a diameter of 0.0082 ms. These 
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particles are composed of a V-based active phase externally deposited on a non-porous TiO2 

(anatase) core. The non-porous TiO2 pellets have been chosen because its non-porosity avoids 

the energy accumulation, i.e., internal heat transfer resistances, favoring the removal of the heat 

generated out from an exothermic reaction [2,7,8]. Pressure drop along both packed beds is 

measured by two manometers positioned at both the inlet and outlet. For axial temperature 

gradients considering radial isothermicity, the bench-scale packed bed is heated with a 250 W 

infra-red lamp from the top, while a thermal insulation jacket of fiberglass is wrapped around 

the stainless steel tube in the axial direction to ensure adiabatic conditions [9,10]. To generate 

significant temperature gradients in the axial direction, air is fed at room temperature from the 

bottom of the packed at Rep between 210 and 1260, while nine 0.1mm outside diameter K-type 

thermocouples (not shown so as not to overload Figure 3.1) are used to measure the temperature 

at different axial positions in the center of the bed. 

For the generation of both radial and axial temperature gradients, the bench-scale 

packed bed is surrounded by an electric resistance (the heat source). The temperature is 

measured with nine 0.1 mm outside diameter K-type thermocouples set up at different axial 

positions in the packed bed, through thermowells from the side, such that each thermocouple 

can be moved over the entire diameter of the packed bed. At each axial position the temperature 

is measured at twelve radial positions. One thermocouple is positioned at mid-height of the 

reactor at the tube wall as a control set point to generate the required temperature gradients. 

This configuration allows the measurement of radial and axial temperature gradients. Inlet air 

flow rates corresponding to a Rep between 210 and 1260 at normal conditions are used during 

heat transfer experimentation. 

For the industrial-scale packed bed, a tube with a length of 2.6 mr and a diameter of 

0.025mr surrounded by a molten salt bath is utilized. This industrial-scale packed bed has the 

same geometrical configuration as the packed bed used in the bench-scale set-up, i.e., same 

dt/dp ratio. Platinum resistance thermometers and 1.5 mm outside diameter chromel-alumel 

sheathed thermocouples are used to measure the temperature from the wall to the center of the 

packed bed at different axial positions [11]. In this packed bed system, the coolant temperature, 

i.e., molten salt bath, is set at 400 °C and it is monitored during the experimentation. Moreover, 

air is fed at Rep between 700 and 1400. The observed temperature gradients are then used to 

estimate the parameters from the radial heat transfer mechanisms. 
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Figure 3.1. Schematic diagram of the packed bed showing the different kind of 

operations depending on the targeted parameters. Left, industrial-scale and 

bench-scale non-adiabatic operation (bed length in blue and red letters, 

respectively). Right, bench-scale adiabatic operation. 

3.3 Fluid dynamics 

 
3.3.1 Pressure drop 

 
Pressure drop experiments consisted of measuring the pressure at normal conditions at 

the inlet and outlet of the bench-scale and industrial-scaled packed bed for a particle Reynolds 

number (Rep) between 210 and 1680, and between 750 and 1750 [11], respectively. The 

pressure drop in packed beds is caused by frictional energy losses due to both viscous and 

inertial frictional resistances. The viscous frictional resistances occurs particularly at low flow 

rates having a linear relationship with the flow velocity (Blake-Kozeny equation [12]), while 

the inertial frictional resistances have a quadratic relationship with the flow velocity (Burke- 

Plummer equation [13]). Ergun [14] demonstrated that the summation of the expressions for 

the low and high-velocity ranges provides an expression for the entire range of volumetric flow 

rate. This leads to Ergun’s equation where the pressure drop along the axial coordinate (Δpz/L) 
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can be seen for the studied bed as the z-component of the solid-fluid resistance vector [15], 

D(r): 
 
 

∆pz uzμf (1 − ε(r))2 ρfu2 (1 − ε(r)) 
= D(r)   = α + β 

z
 

L z d2 ε(r)3 d ε(r)3 
p p 

(3.1) 

or, expressed in function of the apparent permeability: 
 

 
D(r)z = μfH(r)−1uz 

zz (3.2) 
 

where uz is the axial superficial velocity, μf is the fluid viscosity, ε is the radial void fraction 

averaged at the axial and tangential axis, H(r)zz
-1 is the axial component of the apparent 

permeability tensor (H(r)), and α and β are two constants related to the viscous and inertial 

terms, respectively. Because these contributions are different for each system, i.e., the 

geometrical configuration attributed to the shape and size of the packings and the dt/dp ratio, α 

and β are re-estimated based on the experimentally measured pressure drop. Figure 3.2 depicts 

the pressure drop observations and the simulation results using Eq. (3.1) with the parameters, 

α and β, estimated in this work as well as determined using some of the well-accepted 

correlations from literature [14,16–18]. 

 

 

Figure 3.2. Pressure drop within the packed bed. A comparison between the 

experimental data (full symbols) and simulations with, the parameters 

estimated in this work (continuous line), Ergun’s parameters [14] (α = 150 and 

β = 1.75), Limberg’s parameters [16] (α = 260 and β = 0.9), Morcom’s 

parameters [17] (α = 245 and β = 2.4), and Eisfeld’s correlation [18]. 
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Estimates for α and β and their confidence intervals are 2480 ± 447 and 2.31 ± 0.19, 

respectively. Simulations considering literature reported values for α and β are not able to 

describe the experimental data acquired in the studied bed properly. This shows the importance 

of obtaining both parameters for a packed bed with low dt/dp. Moreover, the estimated value of 

α and β are higher than the values reported in the literature. Regarding β, i.e., related to inertial 

forces which dominate at high flow rates, for the current case study, the inertial energy losses 

have a higher influence on the pressure drop than the viscous energy losses. 

3.3.2 Viscous and inertial frictional forces 

 
The geometrical configuration of packed beds with low dt/dp ratio (< 8) generates 

significant radial void fraction profiles which have a significant effect on velocity profiles, 

mainly in those areas with high void fraction [1,19]. The empirical correlation developed by 

De Klerk, see Eqs. (3.3) – (3.5) [20], accounting for spherical pellets, has been well accepted 

within the scientific community because its well description of the void fraction at relatively 

wide range of dt/dp ratios, i.e., 1.7 – 20 [21–23]. This correlation considers two regions along 

the tube radius, i.e., near the wall and at the core of the bed. In this work, the void fraction is 

calculated using this correlation. In this work, the void fraction is calculated utilizing the 

correlation reported by De Klerk. 

 
 

ε(κ) = 2.14κ2 − 2.53κ + 1 for κ < 0.637 (3.3) 

ε(κ) = 0.36 + (0.29 e−0.6𝗆 cos(2.3π(κ − 0.16))) + 0.15e−0.9𝗆 for κ < 0.637 (3.4) 

 

where: 

 
 

dp 

 

Considering the permeability as the ability of the packed bed to allow the fluid flows 

through it, the calculation of the radial void fraction profile, and the re-estimation of α and β, 

presented in Section 3.3.1, allow the calculation of the Darcy and Forhheimer permeability, see 

Eqs. (3.6) – (3.7), respectively. 

 
ε(r)3d2 

K = 
p

 

α(1 − ε0)2 
(3.6) 

κ = 
Rt−r (3.5) 
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ε(r)3dp 

Kz = 
β(1 − ε(r)) 

 
(3.7) 

and thus the dimensionless numbers Da and Fo, see (3.8) – (3.9), respectively. 
 
 

K 
Da = 

R2 
t 

(3.8) 

Kz 
Fo = 

R
 
t 

(3.9) 

Da provides information of the influence of the viscous term due to frictional energy 

losses from fluid-fluid and solid-fluid interactions, while Fo gives details of the inertial 

resistances within the packed bed [22,24–26]. Figure 3.3a illustrates the Da and Fo numbers 

obtained in this work and a comparison with two works from literature [9,14]. Moreover, the 

void fraction within the bed for the bench-scale packed bed is also added to indicate its impact 

on the Da and Fo. The void fraction profile shows two zones with higher void fraction, i.e., 

near the wall and after one pellet-distance from the wall, where interstitial velocities are 

expected to be higher than the rest of the packed bed. The Da and Fo radial profiles present a 

similar trend to the void fraction profile. Da and Fo vary from 10-5 up to 101 and 10-5 up to 10- 

1, respectively. The close values between both terms indicates that the inertial term and the 

Brinkman term should be considered in the fluid dynamic model. Otherwise, the impact of 

frictional energy losses on the fluid-fluid and solid-fluid interaction, i.e., non-Darcyan 

behavior, could not be properly accounted for. Furthermore, Figure 3.3b depicts the apparent 

permeability within the packed bed calculated in this work, exhibiting a similar trend as the 

one reported in the literature from particle resolved simulations (PRS) [15] for the same packed 

bed. However, a steeper increase in the wall zone and decrease in the center of the bed are 

identified. This is attributed to the methodology used to determine the apparent permeability, 

which in this work is calculated by using macroscopic pressure drop data through the 

estimation of α and β, while in PRS it is obtained by using local information. The agreement 

between the apparent permeability obtained here and the one reported in the literature, and the 

adequate prediction of the pressure drop observations provide confidence in the values of α and 

β estimated for quantifying the solid-fluid resistances at the core of the bed. 
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Figure 3.3. (a) Void fraction, Darcy and Forchheimer number for the bench 

and industrial-scale packed bed; and (b) Void fraction and apparent 

permeability in the packed bed obtained in this work and reported in the 

literature from a particle resolved simulation (PRS) [15]. 
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3.3.3 Axial velocity profiles within a packed bed 

 
The governing equations to model momentum transfer within the packed bed with low 

tube-to-particle diameter ratio are given by the continuity equation, see Eq. (3.10), and the 

Navier-Stokes-Darcy-Forchheimer equation following Brinkman’s approach (BDF) where an 

effective viscosity (μeff) is introduced to characterize solid-fluid interactions close to the wall 

[27], see Eqs. (3.11) – (3.16). 

Continuity equation 
 
 

∂vz 

∂z 
= 0 (3.10) 

Momentum equation: 
 
 

∂vz ∂vz 
ρf [ 

∂t 
+ ε(r)vz 

∂z 
] 

∂pz μf ρf  
= −ε(r) + μeff∇2ε(r)vz − ( ε(r)vz + ε(r)2v2) + ερfgz 

∂z K Kz z 

 

(3.11) 

The initial and boundary conditions are: 
 

 
t = 0 vz = vz,ss (3.12) 

∂vz 
r = 0 

∂r 
= 0 

(3.13) 

r = Rt vz = 0 (3.14) 

z = 0 vz = uz,0 (3.15) 

∂vz 
z = L 

∂z 
= 0 

(3.16) 

The left side of Eq. (3.11) describes the inertial forces due to fluid-fluid interactions. 

On the right side, the first term accounts for the pressure drop within the bed (pressure forces), 

the second term describes the radial viscous dissipation, including the use of an effective 

viscosity (μeff), proposed by Brinkman [27], to account for the impact of solid surfaces, 

associated with the wall and the packing on fluid dynamics in the region near the wall of the 

bed. The third term contains the Darcy and Forchheimer contributions. These terms describe 

the viscous and inertial solid-fluid interactions in the packed bed, respectively. The last term 

captures the gravitational forces. The void fraction profile within the bed is obtained by 
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following the correlation developed by De Klerk [20] for packed beds with dt/dp < 8 containing 

spheres. 

Since the pressure drop and the void fraction were determined with high certainty, an 

accurate description of velocity profiles in a packed bed with low tube-to-particle diameter 

ratio depends on determining three parameters, the so-called fluid dynamic descriptors, i.e., 

μeff, α and β. The parameters α and β were estimated from pressure drop data for the further 

determination of K and Kz, while determining μeff is more challenging. Although a continuity 

equation is stated when presenting the fluid dynamic model, in the literature approaches 

[24,28–30] mass conservation is not accomplished, i.e., the mass flux at any axial position in 

the bed can deviate from the mass flux at the inlet of the system. To overcome this shortcoming, 

a conservative methodology aimed at determining μeff is proposed here to describe the fluid 

dynamics within packed beds with a tube-to-particle diameter ratio smaller than 8 mr ms
-1 by 

forcing the momentum equation to meet the continuity equation by fitting the mass flux with 

the observed one at the bed inlet. Firstly, the superficial velocity (uz) at any axial position in 

the packed bed is obtained by determining the interstitial velocity (vz) and multiplying it with 

the void fraction within the bed (εi), see Eq. (3.17). 

 
 

uz = vzεi (3.17) 
 

Then, the average superficial velocity, i.e., the result of dividing the volumetric flow by 

the cross-sectional area where the fluid flows, is calculated as follows: 

 

∫
2π 

∫
r=Rt v r dr dθ 

〈u 〉 =  0 r=0 z 

z ∫
2π 

∫
r=Rt r dr dθ 

0 r=0 

 

(3.18) 

Eq. (3.18) can be solved using weighted orthogonal collocation, resulting in Eq. (3.19) 

for the superficial velocity: 

 
N 

〈uz〉 = ∑ Wiεivz,i 
i=1 

 

(3.19) 

where Wi is the weight factor assigned to the i-th collocation point, vz,i is the interstitial 

velocity, εi is the void fraction and N is the number of radial collocation points. Once the 

average superficial velocity is calculated, the mass flux at any axial position within the bed can 

be calculated as follows: 
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G = ρf〈uz〉 (3.20) 

 

μeff is, then, ultimately determined via regression, while ensuring mass conservation 

along the bed. It is worth mentioning that this approach allows the determining the μeff without 

the need for interstitial velocity measurements. 

Figure 3.4 shows a comparison between the axial velocities at different particle Reynolds 

numbers considering the fluid dynamic models developed in this work accounting for the mass 

conservation criteria, i.e., μeff was determined, and the ones which do not account it, i.e., μf is 

considered [8,31]. An overprediction of the velocity when μf is used is clearly observed near 

the wall, because μf < μeff at high Rep. Considering μf leads to lower fluid resistances than when 

μeff is used, leading to the increment in velocity, which have an impact on the convective heat 

transfer mechanisms. Table 3.1 lists the estimated values of μeff along with the confidence 

intervals. The μeff exceeds μf because the former captures the effect of the wall and packing 

surfaces on fluid dynamics along the radial direction of the bed. Moreover, μeff increases with 

the particle Reynolds number, in agreement with the literature [22,28,32]. 

 

 
Figure 3.4. Axial velocity profiles within the packed bed. Rep ranging from 700 

to 1700. 
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Table 3.1. Estimated μeff values with their 95% probability 

confidence intervals and the μeff/ μf ratio. Note that μf equals 

222 kgf mr
-2 s-1. 

 

Rep μeff [kgf mr
-2 s-1] μeff/ μf 

210 222 ± 2.1 1.00 

420 233 ± 2.4 1.05 

630 246 ± 3.3 1.11 

700 251 ± 3.6 1.13 

1050 289 ± 5.4 1.30 

1260 340 ± 5.0 1.53 

1400 402 ± 5.6 1.81 

1750 524 ± 6.8 2.36 

 
 

3.4 Heat transfer (no reaction) 

 
3.4.1 Qualitative description of the axial and radial temperature 

gradients 

A common operation of an exothermic reaction carried out in a multitubular wall- 

cooled packed bed reactor considers a feedstock, i.e., reactants, with a lower temperature than 

the control temperature of the reactor, i.e., coolant [2,11,33–35]. Regardless the significant 

radial temperature gradient between the coolant, the tube surface, and the center of the packed 

bed, these operating conditions generate a considerable axial temperature gradient, particularly 

in the first lengths of the reactor, see Figure 3.5. Although it has been widely stated that the 

keff,z can be neglected when these reactors are modeled, the reasons behind this statement relies 

on its negligible effect on the outlet temperature prediction and due to the high flow utilized at 

industrial operating conditions, i.e., convective mechanisms dominate on the conductive ones 

[36–39]. Nevertheless, there is no clear assessment of the keff,z impact in those areas of high 

sensitivity where hot spots and runaway situations take place. For the sake of brevity, the heat 

transfer mechanisms capture by the effective thermal conductivity are detailed in Appendix 

3A. 
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Figure 3.5. Schematic diagram of the qualitative axial temperature 

distribution within a packed bed reactor with low dt/dp ratio (< 8 mr ms
-1) when 

a highly exothermic reaction is considered. 

Regarding the radial heat transfer mechanisms, these are described according to four 

different radial heat transfer zones of the packed bed reactor illustrated in Figure 3.6. Each of 

these zones relates to an effective heat transfer parameter, such that each zone presents a 

characteristic temperature gradient which can be associated with a corresponding heat transfer 

mechanism. The core zone (blue) spans from the center of the bed to the heat boundary layer 

near the internal tube wall. In this region, the radial heat transfer mechanisms are captured by 

the radial effective conductivity, keff,r, commonly considered as a constant parameter, i.e., it 

does not vary radially. In the internal wall zone (green), an internal heat pseudo-boundary layer, 

δHT,int, generates a significant heat transfer resistance increasing the temperature gradient, i.e., 

the temperature difference between Tδ and Tw,in. In this heat pseudo-boundary layer, the heat 

transfer is described by the internal wall heat transfer coefficient, hw,int. In the external wall 

zone (yellow), an external heat pseudo-boundary layer, δHT,ext, generates another temperature 

gradient at the external surface of the reactor tube. In this zone, the external wall heat transfer 

coefficient, hw,ext, quantifies the temperature gradient between Tw,in and Tb. It is noteworthy that 

in the literature no distinction is made between the internal and external heat pseudo- boundary 

layer, and hw is modeled as a single parameter that captures the heat transfer mechanisms in 

both zones, i.e., internal and external wall zones. Lastly, the coolant zone (red) represents the 

zone where the heat source/sink for the packed bed is situated and it can be assumed that there 

are no significant temperature gradients in this zone because of the mixing 



Chapter 3 – Transport phenomena within a packed bed reactor with low dt/dp 

83 

 

 

 

in it [2,11]. It should be remarked that the tube thickness, represented by a black line between 

the internal and external wall zone, has no significant effect on the radial heat transfer 

resistances because of the sufficiently high thermal conductivity of the tube material, e.g., 

stainless steel. 

 

 
Figure 3.6. Schematic diagram of the relevant radial zones in a packed bed: 

core zone (blue), internal wall zone (green), external wall zone (yellow) and 

heat transfer medium (red). 

 

 

3.4.2 Determination of keff,z   at adiabatic conditions (radial 

isothermicity) 

A one-dimensional pseudo-homogeneous heat transfer model, see Eqs. (3.21) – (3.24), 

is used to describe the axial temperature profiles within the bench-scale packed bed. 

 

∂T ∂T ∂2T 
(ρsCps + ρfCpf) 

∂t 
+ ρfCpfεvz 

∂z 
= keff,z 

∂z2 
(3.21) 

t = 0 T(0, z) = Tss (3.22) 

∂T                                                                                   
z = 0 uz,0ρfCpfT0 = ε vz,0ρfCpfT − keff,z 

∂z
 

(3.23) 

∂T 
z = L keff,z ∂z 

= q0 
(3.24) 
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The assumptions considered in this model are: (i) no significant radial temperature 

gradients within the bed, (ii) thermal equilibrium between the solid and fluid phase at the steady 

state, and (iii) Newtonian and incompressible fluid within the packed bed. This model is 

discretized using orthogonal collocation (15 axial points), employing shifted Legendre 

polynomials [40]. The resulting set of ordinary differential equations is solved using a fourth- 

order Runge-Kutta-Fehlberg method [41]. The experimental measurements from the heat 

transfer experiments performed at adiabatic conditions are used for the estimation of keff,z. The 

keff,z is estimated using a combination of weighted orthogonal distance regression [42] and the 

Levenberg-Marquardt algorithm [43] by the minimization of the sum of squares of the weighted 

residuals between the experimental temperature and the model calculated ones, see Eq. (3.25). 

 
𝑁 

M 2 
φ ,φ  ,…,φ 

RSS(φ) = ∑ W ∑ (F − F̂ ) →
1
− 

2 
−− 

n 
min 

i k,i k,i − −− → 
i=1 

k=1 

 

(3.25) 

 

Based on the determined keff,z at different Rep in the present work, a modified correlation 

is proposed as follows: 

 
𝑘𝑒𝑓𝑓,𝑧 𝑘 

0  
𝑓,𝑧 𝛿 

=   𝑒𝑓 + 𝛿 𝑃𝑟𝑅𝑒 2 
𝑘𝑓 𝑘𝑓 

1 𝑝 
(3.26) 

 

where two empirical parameters δ1 and δ2 are employed to capture the evolution of the dynamic 

contribution to the value of keff,z. The estimated values for δ1 and δ2 amount to 0.6133 ± 0.2202 

and 1.3259 ± 0.0517, respectively. 

Figure 3.7a compares the evolution of keff,z as a function of Rep for the correlation 

developed in this work with the selected correlations from the literature. Notably, as Rep 

increases, the difference between the keff,z determined in this work and the one obtained from 

the most used correlation in the literature [44–51], i.e., the one from Yagi et al., becomes more 

significant, particularly at Rep relevant for industrial-scale packed bed reactor operation. On 

the other hand, the evolution of the keff,z determined in this work as function of Rep is similar 

to that obtained by Votruba et al. Thus, for comparison purposes, the developed correlation in 

this work and the two aforementioned selected from literature, i.e., Yagi et al. and Votruba et 

al., are used to calculate keff,z and determine its impact on the temperature profile predictions. 

Details of these correlations are described in Appendix 3B. 
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Figure 3.7b displays a comparison of the axial temperature profiles within the bench- 

scale packed bed operating under adiabatic conditions, considering different values of keff,z as 

obtained via the correlations proposed by Yagi et al. and Votruba et al., as well as the one 

determined in this work. 

 

 
Figure 3.7. (a) keff,z variation with the Rep. Symbols represent the keff,z obtained in 

this work, the green continuous line represents the correlation developed in this 

work, the red dashed line shows Votruba et al. correlation [52], the blue dotted line 

shows Yagi et al. [10], and the non-continuous black lines show the keff,z obtained by 

different correlations from the literature [53–55]. (b) Axial temperature profiles for 

the bench-scale packed bed obtained in absence of flow and at Rep between 210 and 

1260 in absence of reaction. Dotted lines show the simulations considering the keff,z 

from Yagi et al., full lines represent the keff,z estimated in this work, and the dashed 

lines show the keff,z from Votruba et al. 

It should be noted that the axial temperature gradients are most pronounced in the upper 

part of the packed bed due to the positioning of the heat source, as illustrated in Figure 3.1. 

Therefore, the lower part of the packed bed exhibited no significant axial temperature gradients. 

The simulations using keff,z from the correlation in this work provide an accurate description of 

the experimental data. However, simulations that consider keff,z from the two correlations 

associated with Yagi et al. and Votruba et al. deviate from the experimental data at lower Rep. 

The keff,z from Yagi et al. has lower values than those determined in this work, resulting in a 

large temperature gradient at the top of the bed instead of a prolonged temperature profile through 

the packed bed. In contrast, the keff,z from Votruba et al. has higher values than those estimated 

in this work, leading to the opposite effect. These findings offer initial observations on the 

contributing factors to the axial heat conduction in a packed bed with low dt/dp when a large 

temperature gradient is present. 
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3.4.3 Pseudo-local heat transfer approach 

 
Through the development of a pseudo-continuous model for a packed bed, the use of a 

pseudo-local approach accounting for the role of the velocity profile on radial heat transfer has 

led to a better understanding and characterization of the radial heat transfer mechanisms, 

mainly in the wall zone [1,19,29,30,56]. Nevertheless, the pseudo-locality itself has not been 

adequately assessed such that fluid dynamics has not been properly considered during the 

determination of a pseudo local keff,r (hereafter called keff,r,PLA). Typically, a plug flow approach 

has been considered in the literature [3,22,31,33,36,37,57–61]. When fluid dynamics is 

included, keff,r,PLA remains constant in the core zone, where the lowest temperature gradients 

occur, while in the internal wall zone the keff,r,PLA starts to decrease linearly. Additionally, the 

estimation of the pseudo-local parameters has been performed at adiabatic conditions [56], or 

considering an uniform static thermal conductivity, k0
eff,r in the core zone and the fluid thermal 

conductivity as the keff,r in the wall zone [29]. To this end, the approach developed in this work 

not only allows the characterization of the internal heat transfer mechanisms by determining a 

pseudo-local keff,r,PLA, but also the heat transfer mechanisms at the external surface of the tube 

by determining the hw,ext. 

Firstly, the pseudo-homogeneous heat transfer model used to describe the radial 

temperature profiles within the packed bed is presented as follows: 

 

∂T ∂T 1 ∂ ∂T 𝜕2𝑦 
(ρsCps + ρfCpf) 

∂t 
+ ρfCpfεvz 

∂z 
= 

r ∂r 
[keff,r,PLA(𝑟)𝑟 

∂r
] + keff,z 

𝜕𝑧2 
(3.27) 

t = 0 T(0, r, z) = Tss (3.28) 

∂T 
z = 0 vzρfCpf(T0 − T) = −keff,z 

∂z
 

(3.29) 

∂T 
z = L 

∂z 
= 0 

(3.30) 

∂T 
r = 0 

∂r 
= 0 

(3.31) 

r = Rt T = Tw,in(𝑧) (3.32) 

 
The first term on the left-hand side of Eq. (3.27) is the accumulation term while the 

second is the convective one where fluid dynamics plays a significant role. The term on the 
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right-hand side is the radial conductive term where the pseudo-local keff,r,PLA captures the static 

and dynamic internal radial heat transfer mechanisms. The assumptions considered in this 

model are: (i) a pseudo-local thermal equilibrium between solid and fluid phases, (ii) 

Newtonian and incompressible fluid within the packed bed, and (iii) constant physical 

properties of the fluid. The boundary condition from Eq. (3.32), referred to as the known wall- 

temperature boundary condition (KWT-BC), allows the characterization of the internal heat 

transfer mechanisms in the packed bed. Following the mathematical equations proposed by the 

group of Vortmeyer [56,62], see Eqs. (3.33) – (3.34), the pseudo-local radial effective 

conductivity, keff,r,PLA, can be determined accounting for fluid dynamics. 

 

k (r) = k0 + 
1 

PrRe [f(R − r)]k 
eff,r,PLA eff,r k1,h 

p t f (3.33) 

Rt − r 

f(R  − r) = {
(
k d  

); for 0 < Rt − r ≤ k2,hdp 
t 2,h  p 

1 ;  for k2,hdp < Rt − r ≤ Rt 

 

(3.34) 

 

Here k0
eff,r is the static radial effective conductivity, i.e., when the Rep approaches 0, k1,h 

is the constant impacting on the dynamic contribution of the keff,r,PLA, k2,h is the damping 

parameter that determines where the pseudo-local keff,r,PLA decreases due to the effect of the 

internal heat pseudo-boundary layer, δHT,in, and kf is the fluid thermal conductivity. Hereafter, 

this approach is referred as the Pseudo-local Internal Heat Transfer Approach (PL-IHTA). 

Additionally, the reproduction of the temperature profiles in absence of reaction from 

the PL-IHTA are compared with the conventional state-of-the-art approach, i.e., Boundary 

Layer Approach considering the KWT-BC, here referred as the KWT-BLA. For the sake of 

brevity, the details of KWT-BLA are given in Appendix 3C. Since the pseudo-local keff,r,PLA 

can be determined from the PL-IHTA, the following boundary condition is proposed for the 

estimation of the hw,ext: 

 
∂T 

r = Rt − keff,r,PLA(r) 
∂r 

= hw,ext(Tw,in − Tb) (3.35) 

 

This model, Eqs. (3.27) – (3.35), is discretized using orthogonal collocation (40 radial 

and 15 axial points), employing shifted Legendre polynomials [40]. The resulting set of 

ordinary differential equations is solved using a fourth-order Runge-Kutta-Fehlberg method 

[41]. The experimental measurements from the non-isothermal and non-adiabatic heat transfer 

experiments are used for the estimation of keff,r,PLA and hw,ext. These parameters are estimated 
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using a combination of weighted orthogonal distance regression [42] and the Levenberg- 

Marquardt algorithm [43] by the minimization of the sum of squares of the weighted residuals 

between the experimental temperature and the model calculated ones, see Eq. (3.25). 

In the following, this approach is referred to as the Pseudo-Local Approach (PLA). PLA 

helps to understand the role of the heat transfer mechanisms in the high void fraction zones and 

provides quantitative information of the internal heat boundary layer. For the sake of 

comparison between PLA and the conventional approaches utilized in literature, i.e., Classic 

Approach (CA) and the Boundary Layer Approach (BLA), more details of these approaches 

are given in Appendix 3D. Moreover, it is noteworthy that PLA avoids the historical cross- 

correlation issue between keff,r and hw, from the conventional approaches, because the pseudo- 

local keff,r,PLA is obtained separately from hw,ext. With the pseudo-local keff,r,PLA and hw,ext 

estimated, a resistance analysis for the different zones is developed as follows [63]: 

 
1 1 Rt 

U 
= 

h 
+ 

4k 
w w,ext eff,r,PLA 

(3.36) 

 

where Uw is the overall heat transfer coefficient, the internal heat transfer resistances are 

characterized by the pseudo-local keff,r,PLA, and the external heat transfer resistances are 

characterized by hw,ext. Moreover, for comparison sake, a conventional 1-D pseudo- 

homogeneous model is utilized for the estimation of Uw, see Appendix 3E. 

3.4.4 Determining the radial effective thermal conductivity 

 
The experimental methodology presented in Section 3.1, by heating the bench-scale and 

industrial-scale packed bed with an electric resistance and a salt bath around the external 

surface of the tube, targets at determining temperature gradients similar to those observed in 

industrial-scale wall-cooled packed-bed reactors. These observations are used to estimate the 

radial heat transfer parameters. The estimation of the heat transfer parameters is performed 

using weighted regression focusing on the temperature gradients at the core of the bed and near 

the wall. The estimates of keff,r,PLA from PL-IHTA are presented in Table 3.2. The impact of 

considering and neglecting the keff,z obtained in Section 3.4.2 is addressed on these estimations. 

For both scenarios, when keff,z is considered or not, the parameters k1,h and k2,h, from keff,r,PLA, 

follow the same trend for both the bench and industrial-scale packed bed. This is because the 

operating conditions, the dt/dp, and the packing geometrical configuration within both packed 

beds are the same. These results demonstrate what is well known in the literature, an 
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appropriate experimental design in a bench-scale packed bed allows an adequate internal heat 

transfer characterization which can be used for an accurate scale-up of the industrial-scale 

packed bed [2,11,35]. Figure 3.8 illustrates the pseudo-local variation of keff,r,PLA, neglecting 

and accounting for keff,z, within the bench and industrial-scale bed for Rep between 210 and 

1400 with the void fraction profile as a reference. 

Table 3.2. Heat transfer parameter estimates and their corresponding 95% 

confidence intervals for the PL-IHTA (see Eqs. (3.33) – (3.34)). 
 

Case Rep k1,h without keff,z k2,h without 

keff,z 

k1,h with 

keff,z 

k2,h with 

keff,z 

PL-IHTA 210 0.56 ± 0.05 1.36 ± 0.12 0.82 ± 0.07 1.21 ± 0.11 

(Bench-scale) 420 0.69 ± 0.05 1.20 ± 0.09 0.84 ± 0.09 1.10 ± 0.07 

 630 0.96 ± 0.04 1.06 ± 0.10 0.97 ± 0.08 1.02 ± 0.08 

 1260 5.34 ± 0.05 0.59 ± 0.04 4.90 ± 0.07 0.64 ± 0.04 

PL-IHTA 700 1.23 ± 0.08 1.10 ± 0.09 1.20 ± 0.08 0.95 ± 0.09 

(Industrial-scale) 1050 3.40 ± 0.07 0.71 ± 0.01 3.04 ± 0.04 0.75 ± 0.05 

 1400 7.05 ± 0.05 0.52 ± 0.03 7.81 ± 0.04 0.42 ± 0.01 

 
At all Rep the trend is the same, there is a small decrease of the effective conductivity 

at the center of the bed, then a sudden rise in the high void fraction in the core zone, followed 

by a decrease after the high void fraction in the core zone and finally the effect of the δHT,in 

decreasing the keff,r,PLA value until the static contribution value at the tube wall. The keff,r,PLA 

captures heat transfer mechanisms when there is no flow, i.e., the static contribution, and when 

there is flow, i.e., the dynamic contribution [64–66]. In the static contribution, keff,r,PLA captures 

the thermal conduction through solids and the contact surface of the pellets, while in the 

dynamic contribution keff,r,PLA captures the thermal conduction through the heat boundary layer 

near the pellets, heat transfer by convection between solid particles and by lateral mixing of the 

fluid. The results suggest that the dynamic heat transfer mechanisms are favored up to a Rep of 

630 in the core zone, after which a limit is reached such that the dynamic heat transfer 

mechanisms start to be affected, i.e., keff,r,PLA decreases as Rep is increased up to 1400. This 

unexpected decrease of keff,r,PLA at high Rep can be attributed to the synergy between the heat 

and fluid dynamics along the radial axis and axial convective mechanisms. Furthermore, the 

results show that difference between the profiles neglecting and considering keff,z at different 

Rep can be neglected while estimating keff,r,PLA. For a proper comparison between the axial and 

radial temperature profile descriptions considering the pseudo-local approach (PL-IHTA) and 
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the state-of-the-art conventional approaches, (KWT-BLA and KWT-CA), keff,r is estimated. 

For the sake of brevity, more details of these approaches are given in Appendix 3C. 

 

 
Figure 3.8. Pseudo-local keff,r,PLA within the packed bed at Rep from 210 to 1400. 

Estimations considering and neglecting keff,z are presented as continuous lines 

and dashed lines, respectively. Void fraction is shown as reference with a yellow 

dotted line. 

The capability of PL-IHTA, KWT-CA and KWT-BLA for describing radial and axial 

temperature profiles within the bench-scale packed bed at several Rep, as well as the effect of 

keff,z on the PL-IHTA, is illustrated in Figure 3.9. It should be noted that the temperatures at 

Rep of 1260 are lower due to limitation of power on the electric resistance at this high flow. 

From the axial temperature profile descriptions at Rep of 210, 630 and 1260, no significant 

difference is seen between the three approaches, see Figure 3.9a. Nevertheless, the radial 

temperature profile descriptions show PL-IHTA fit better to the experimental data than KWT- 

CA and KWT-BLA, particularly in the wall zone, see Figure 3.9b. This is because the radial 

heat transfer resistances are captured better by the pseudo-locality of the keff,r,PLA, as depicted 

in Figure 3.8, than when utilizing a constant keff,r. Moreover, since fluid dynamics significantly 

impacts the magnitude of the radial heat transfer mechanisms, its modelling is essential to 

accurately determine the pseudo-local keff,r,PLA. Regarding the impact of considering keff,z on 

the temperature profile descriptions, three different correlations are considered for keff,z on the 

PL-IHTA: (i) the one from Yagi et al. [10], (ii) that from Votruba et al. [52], and (iii) the one 

developed in this work. The axial temperature profiles show that at the entrance of the packed 

bed, there is no significant effect between considering keff,z from the three correlations at any 

Rep, see Figure 3.9c. This is remarked with the radial temperature profiles presented at 0.13 mr 
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from the inlet, see Figure 3.9d. However, close to the outlet of the bed, the axial temperature 

gradients simulated using the keff,z from Votruba et al. are less pronounced than the 

experimentally observed ones and those simulated with the keff,z determined from the 

correlation developed in our present work and the one calculated from Yagi et al. correlation. 

The radial temperature gradients near at 0.43 mr from the inlet indicate that the simulations 

considering the keff,z from Votruba et al. underpredict the radial temperature gradient by 40 °C 

and 30 °C, for a Rep of 1260 and 630, respectively. Considering the keff,z calculated from Yagi 

et al. correlation or the one determined in this work leads to an adequate description of the 

radial temperature gradients. This is due to the keff,z from Votruba et al. is higher than the one 

from Yagi et al., and the one estimated in this work. In other words, a high keff,z leads to a less 

pronounced axial temperature gradient than those computed with a low keff,z. Because of the 

heating strategy considered, i.e., temperature control set at the center of the packed bed length, 

and the resulting development of a significant wall temperature profile along the bed, these 

results show that the impact of keff,z is more significant at the outlet of the bed. 
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Figure 3.9. Temperature profiles within the bench-scale packed bed. a) Axial 

temperature profiles at the center of the bed assessing the pseudo-local keff,r. b) 

Radial temperature profiles at 13 cm from the inlet assessing the pseudo-local keff,r. 
c) Axial temperature profiles at the center of the bed assessing the keff,z. d) Radial 

temperature profiles at 13 cm from the inlet assessing the keff,z. e) Radial 

temperature profiles at 43 cm from the inlet assessing the keff,z. 

On the other hand, Figure 3.10 depicts the simulated industrial-scale packed bed 

temperature profiles without keff,z using the PL-IHTA, KWT-CA and KWT-BLA, and assessing 

the impact of keff,z utilizing PL-IHTA. The operating conditions are a coolant temperature of 

400 °C and Rep between 700 and 1400. From the axial temperature profile descriptions at Rep 

of 700 and 1400, no significant difference is seen between the three approaches, see Figure 

3.10a. It should be noted that the main axial temperature gradients are from the entrance of the 

packed bed until 0.8 mr, then isothermal conditions can be considered, i.e., constant temperature 

of 400 °C (not shown in Figure). The radial temperature profile descriptions at Rep of 700, 1050 

and 1400, at 0.10 mr, show that PL-IHTA has a better description of the experimental 

measurements than the KWT-CA and KWT-BLA, particularly in the wall zone, see Figure 

3.10b. This adequate description of the radial temperature gradients is also seen at different axial 

positions for a Rep of 1400, see Figure 3.10c. Regarding the impact of keff,z, the simulations 

considering the keff,z from Votruba et al. are those with the largest misprediction of the axial 

temperature data in the first 0.80 mr of the industrial-scale packed bed, Figure 3.10d. However, 

at lengths larger than 0.80 mr, the temperature profiles converge towards those calculated 

considering the keff,z from Yagi et al. and the one determined in this work. The radial 

temperature profile descriptions at Rep of 700, 1050 and 1400, at 0.10 mr, show that there is not 

significant difference between considering the keff,z from any correlation, see Figure 3.10e. 

Nonetheless, at different axial positions with a Rep of 1400, the radial 
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temperature description considering the keff,z from Votruba et al. correlation has a higher 

deviation than those simulations considering the keff,z calculated with Yagi et al. correlation and 

the one developed in this work, see Figure 3.10f. It is noteworthy that the heating strategy in 

the industrial packed bed considers a constant temperature from the heat source, i.e., salt bath, 

at the wall as generally industrial wall-cooled packed bed reactors operate. Hence, due to the 

design of the heat transfer experiment, i.e., temperature difference between the salt bath and 

inlet air flow of 200 °C, the largest radial temperature gradients occur at the inlet of the packed 

bed, i.e., the first 0.80 mr. This result shows that keff,z has an impact on the temperature profile 

simulations particularly in the inlet of the packed bed, i.e., where hot spots are commonly 

identified (and where temperature gradients are most pronounced). 
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Figure 3.10. Temperature profiles within the industrial-scale packed bed. a) Axial 

temperature profiles at the center of the bed assessing the pseudo-local keff,r. b) Radial 

temperature profiles at 10 cm from the inlet with a Rep of 700, 1050 and 1400 assessing 

the pseudo-local keff,r. c) Radial temperature profiles at 10, 20, and 30 cm from the inlet 

with a Rep of 1400 assessing the pseudo-local keff,r. d) Axial temperature profiles at the 

center of the bed assessing the keff,z. e) Radial temperature profiles at 10 cm from the 

inlet with a Rep of 700, 1050 and 1400 assessing the keff,z. f) Radial temperature profiles 

at 10, 20, and 30 cm from the inlet with a Rep of 1400 assessing keff,z. 

3.4.5 Determination of the wall heat transfer coefficient 

 
Since the pseudo-local keff,r,PLA has been determined from PL-IHTA, the estimation of 

the hw,ext is conducted considering the Pseudo-local approach (PLA), as indicated in Eq. (3.35). 

Additionally, for the sake of comparison with the conventional approaches utilized in literature, 

the estimation of hw is done following the Classic Approach (CA) and the Boundary Layer 

Approach (BLA) detailed in Appendix 3D. The estimates of hw,ext are presented in Table 3.3. 

It is worth noting that the wall heat transfer coefficient, hw, obtained from CA and BLA, 

captures the radial heat transfer resistances of a “negligible” heat boundary layer, as was shown 

in Figure 3.6. Because the boundary condition is set at the tube wall, keff,r captures the radial 

heat transfer mechanisms from the center of the bed to the “negligible” heat boundary layer 

[29,32,61,67–75]. In contrast, the use of the pseudo-local keff,r,PLA allows properly 

characterizing the radial heat transfer resistances, such that the wall heat transfer coefficient, 

hw,ext, is the only parameter estimated with the PLA. Thus, hw,ext captures the heat transfer 

mechanisms at the external side of the packed bed, i.e., the external heat pseudo-boundary 

layer. Moreover, in contrast to the high cross-correlation between keff,r and hw, normally higher 

than 0.85 [22,38,39,61,66–68], when both parameters are estimated following the conventional 

state-of-the-art approaches, i.e., CA and BLA, the cross-correlation obtained in this work was 
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between 0.41 and 0.75 for the considered operating conditions, i.e., Rep 700 – 1400. This is 

because the regression method applied in this work considers the effect of weights along the 

radial zone of the bed, which allows a proper description of the most pronounced temperature 

gradients, including those observed near the wall. 

Table 3.3. External heat wall transfer coefficient 

estimates and their corresponding 95% confidence 

intervals. 
 

Case Rep hw,ext (W m
-2 

K
-1

) 

PLA 700 55 ± 0.2 

 1050 61 ± 0.3 

 1400 71 ± 0.7 

 

Figure 3.11 illustrates the temperature profiles predicted for the PLA and BLA, as well 

as the effect of keff,z on the PLA, within the industrial-scale packed bed, with a coolant 

temperature of 400 °C and Rep between 700 and 1400. It is worth noting that PLA and BLA 

are the only approaches that can be used during the heat transfer modeling of an industrial- 

scale reactor, in comparison with the PL-IHTA or KWT-BLA. This is because PLA and BLA 

contain the effect of the coolant source, i.e., coolant or bath temperature, Tb. For modeling 

highly exothermic packed bed reactors in the literature [2,3,18,22,57], BLA is the state-of-the- 

art for characterizing radial heat transfer mechanisms. The computed axial temperature profiles 

show that there is no significant difference between PLA and BLA, see Figure 3.11a. 

Nevertheless, when the effect of keff,z is considered on PLA, similar trends as those presented 

in Figure 3.10d are seen, i.e., the simulations considering the keff,z from Votruba et al. are those 

with the largest misprediction of the axial temperature data in the first 0.80 mr. The radial 

temperature profile descriptions with a Rep of 700 and 1400, at 0.10 mr, indicate that BLA, 

accounting for hw, does not predict properly the radial temperature gradient observed in the 

wall zone in comparison to PLA, which accounts for hw,ext, see Figure 3.11b. This same trend 

is seen at different axial positions with a Rep of 1400, see Figure 3.11c. When keff,z is considered 

on PLA, the simulations accounting for the keff,z calculated from Votruba et al. correlation 

underpredict the experimental data, while considering keff,z from this work describes more 

adequately the observations, and keff,z from Yagi et al. overpredicts them. 
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Figure 3.11. Temperature profiles within the industrial-scale packed bed. 

Axial temperature profiles at the center of the bed. Radial temperature profiles 

at 10 from the inlet with a Rep of 700, 1050 and 1400. c) Radial temperature 

profiles at 10, 20, and 30 cm from the inlet with a Rep of 1400. 

3.4.6 Heat transfer resistance analysis 

 
With the heat transfer parameters estimated out of PLA, i.e., hw,ext, and the pseudo-local 

keff,r,PLA, a heat transfer resistance analysis is made following Eq. (3.36). Furthermore, for the 

sake of comparison, Uw is estimated from Eqs. (E1) – (E4), for the industrial-scale packed bed 

are calculated. The results of the internal and external resistances indicate that the external and 

internal heat transfer resistances are ca. 70% and 30 %, respectively, see Table 3.4. Moreover, 

regarding the 30% referred to the internal heat transfer resistances, these are lower than 1% in 

most of the packed bed except in the wall zone, see Figure 3.12. This indicates that the heat 

transfer resistances due to the δHT,in or shear stresses on the fluid by solid surfaces start to have 
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impact at ca. one pellet distance from the wall. Furthermore, between 0.7 pellets from the wall, 

the heat transfer resistances increase considerably from 1% up to 10%, which is in line with 

the pseudo-local keff,r,PLA variation showed in Figure 3.8. 

Table 3.4. Internal and external heat transfer resistances. 
 

Rep Internal 

Resistances 

[W-1 K] 

External 

Resistances 

[W-1 K] 

Internal 

resistances 

(%) 

External 

resistances 

(%) 

Estimated Uw 

[W m-2 K-1] 

700 0.00763 0.01822 29.58 70.42 75 ± 3.72 

1050 0.00702 0.01634 30.07 69.93 81 ± 4.86 

1400 0.00666 0.01400 32.29 67.71 78 ± 4.61 

 

 

 
Figure 3.12. Percentage of external and internal heat transfer resistances 

within the industrial-scale packed bed at Rep from 210 to 1400 Rep 

 

 

3.5 Conclusions 

 
A novel developed methodology to reliably describe the temperature gradients within 

a packed bed with low tube to particle diameter ratio (dt/dp < 8 mr ms
-1) has demonstrated the 
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need to account for both fluid dynamics and pseudo local radial effective thermal conductivity, 

keff,r,PLA. 

The fluid dynamics within the packed bed was determined, using pressure drop 

experiments within a packed bed reactor, while ensuring the mass conservation criterion is met 

during the estimation of the effective viscosity, μeff. It was demonstrated that the velocity 

profiles, mainly in the wall zone, obtained from the non-conservative approaches overpredict 

the maximum velocity profile compared to the fluid dynamic model used in this work, 

particularly close to the wall. 

A specifically determined keff,z from experiments at ‘adiabatic’ conditions, i.e., radially 

uniform temperatures, allows more accurately reproducing the experimentally measured axial 

temperature profile than when using more generic literature correlations, also at non-adiabatic 

and non-isothermal conditions, i.e., in the presence of radial temperature gradients. For 

industrial-scale packed beds, operated in the absence of reaction, the keff,z as determined in our 

work performs overall slightly less than the mostly used correlation from literature. 

The radial temperature predictions obtained via the PLA greatly improves the lack of 

temperature description along the radial axis, including the zone near to the wall using the 

conventional approaches. At ca. one-pellet distance from the wall the pseudo-local keff,r,PLA has 

the highest value, because fluid velocity favors the dynamic heat transfer contribution. In the 

wall zone, keff,r,PLA decreases as a result of the synergy between fluid dynamics and the heat 

boundary layers in the wall. Moreover, the pseudo-local parameters, i.e., k1,h and k2,h, are in 

good agreement with those obtained at bench-scale and industrial-scale. This is mainly thanks 

to the operating conditions, the geometrical configuration and the packing that can be 

considered the same at both scales. Thus, an accurate scale-up can be ensured thanks to the use 

of the pseudo-local keff,r,PLA considering that the internal heat transfer mechanisms are very 

similar between both scales. Considering a pseudo-local keff,r,PLA, when describing radial 

temperature observations, results in a major enhancement of the description of the temperature 

data along the radial axis, particularly in the wall zone. This improvement in the temperature 

description demonstrates the limitations of the conventional heat transfer approaches that 

consider keff,r. 

Moreover, the pseudo-local approach allows a reliable analysis to determine heat 

transfer resistances at the coolant side by estimating the external wall heat transfer coefficient, 

hw,ext. The proper characterization of the external heat transfer resistances encountered in the 
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δHT,ext via the hw,ext demonstrated that the internal and external heat transfer resistances are ca. 

30% and 70% of the total heat transfer resistances, respectively. 

One of the goals from this thesis is to assess the impact of the pseudo-local approach 

and the axial heat transfer by conduction on the simulated temperature profiles within packed 

bed reactors in which highly exothermic reactions occur, particularly at lengths around 0.5 mr, 

where hot spots occur during reactor performance [31,76–78]. In the next Chapter, this is 

addressed by evaluating the system under ODH reaction conditions. 
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Appendices 

 
Appendix 3A Heat transfer mechanisms captured by the 

effective thermal conductivity 

Due to the complexity on describing the heat transfer mechanisms between solids and 

the fluid phase within a packed bed reactor with low dt/dp (< 8 mr ms
-1), 2-D pseudo-continuous 

models employing an effective thermal conductivity (keff) and a wall heat transfer coefficient 

(hw), have been widely utilized [19,32,38,67,76,77,79–84]. The keff encompasses nine different 

heat transfer mechanisms [85], see Figure 3A.1, divided by those at static (no fluid flow) and 

dynamic (fluid flowing) conditions. At static conditions, heat transfer occurs by the conduction 

through motionless fluid, conduction through pellet contact, the radiation between void 

fraction, the radiation between solid surfaces, and the conduction through the pellet. While at 

dynamic conditions, heat transfer occurs by the convection in the fluid flow, conduction in the 

boundary layer between pellets, heat transfer by mixing, and heat transfer by convection solid- 

fluid-solid. Generally, keff is considered an anisotropic parameter, being referred to the axial 

and radial coordinate as the axial effective thermal conductivity (keff,z) and radial effective 

thermal conductivity (keff,r), respectively. 

 

 
Figure 3A.1. Schematic diagram of the heat transfer mechanisms captured by the 

effective thermal conductivity. Independent of fluid flow: (1) Conduction through 

motionless fluid, (2) Conduction through pellet contact, (3) Radiation between void 

fraction, (4) Radiation between solid surfaces, (5) Conduction through the pellet. 

Dependent on fluid flow: (6) Convection in the fluid flow direction, (7) Conduction in 

the boundary layer between pellets, (8) Heat transfer by mixing, and (9) Heat transfer 

by convection solid-fluid-solid. 
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eff,z 

 

Appendix 3B     Literature correlations for the calculation of keff,z 

 
For comparison sake, two literature correlations are utilized to calculate keff,z and 

evaluate its impact in Eqs. (3.21) – (3.24). The first one is the correlation from Yagi et al. [10], 

see Eq. (3B.1). 

 
𝑘𝑒𝑓𝑓,𝑧 𝑘 

0 
𝑓,𝑧 

=   𝑒𝑓 + 𝛿 𝑅𝑒 𝑃𝑟 
𝑘𝑓 𝑘𝑓 

𝑝 
(3B.1) 

 

In which k0 represents the axial effective conductivity in absence of flow, i.e., the static 

contribution, kf the fluid thermal conductivity, and δ an empirical parameter related to the 

dynamic contribution. The latter has values between 0.7 and 0.8 depending on the material used 

as packing. Characteristic for Yagi et al. [10] correlation is that it has been developed based on 

experiments at Rep < 100. The second correlation is that developed by the group of Votruba 

[52], see Eq. (3B.2), for spherical particles. 

 
𝑘𝑒𝑓𝑓,𝑧 = 𝐶 𝜀 +

  𝐶2𝑅𝑒𝑝𝑃𝑟   
𝑘𝑓 

1 
1+( )   𝗌 𝐶3  

𝑅𝑒𝑝𝑃𝑟 
(3B.2) 

 

This correlation has been developed at Rep up to 1000 in an adiabatic packed bed with a 3.85 

< dt/dp < 55.77, and considers three empirical parameters: C1 for the static contribution, and C2 

and C3 for the dynamic contribution. Moreover, the parameter values depend on the materials 

employed, the dt/dp ratio, and the fluid used. The range for the parameters are 4.5 – 228 for C1, 

1.92 – 22.41 for C2, and 0 – 70.8 for C3. For this work, the following values, obtained for glass 

spheres, are selected: C1 = 8.3, C2 = 7.93, and C3 = 2.9. This, because the calculated keff,z is the 

largest for spherical particles when using this correlation. 

Appendix 3C     Estimated keff,r from KWT-BC 
 

The Known Wall Temperature Boundary Condition (KWT-BC) is commonly utilized 

in literature for the keff,r estimation without the hw. The Classic Approach considering the KWT- 

BC, here referred as KWT-CA, neglects the fluid dynamics, i.e., plug flow is considered. On 

the other hand, the Boundary Layer Approach considering the KWT-BC, here referred as the 

KWT-BLA, takes into account the effect of fluid dynamics. 

Generally, a pseudo-homogeneous heat transfer model is used to describe the radial 

temperature profiles within the packed bed as follows: 
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∂T ∂T 1 ∂ ∂T 

(ρsCps + ρfCpf) 
∂t 

+ ρfCpfεvz 
∂z 

= keff,r 
r ∂r 

[𝑟 
∂r

] 

 

(3C.1) 

t = 0 T(0, r, z) = Tss (3C.2) 

z = 0 T0 = T (3C.3) 

∂T 
z = L 

∂z 
= 0 

(3C.4) 

∂T 
r = 0 

∂r 
= 0 

(3C.5) 

r = Rt T = Tw,in(𝑧) (3C.6) 

 

As can be seen in Eqs. (3C.1) – (3C.6), the main difference between the PL-IHTA and 

the conventional approaches, i.e., KWT-CA and KWT-BLA, is that the latter uses a constant 

keff,r rather than the pseudo-local keff,r,PLA. It is noteworthy that once keff,r is estimated, it is used 

as initial guess to re-estimate keff,r for those models that consider the heat wall transfer 

coefficient, hw. More details regarding this are given in Appendix 3D. The estimates of keff,r are 

listed in Table 3C.1. These values are compared with those reported in literature for different 

correlations having a similar range and magnitude order, see Figure 3C.1. 

Table 3C.1. keff,r estimates and their corresponding 95% 

confidence intervals for KWT-CA and KWT-BLA 
 

Packed bed Rep KWT-BLA KWT-CA 

Bench-scale 210 0.98 ± 0.07 0.65 ± 0.06 

 420 1.94 ± 0.19 1.47 ± 0.17 

 630 2.44 ± 0.23 1.90 ± 0.20 

 1260 2.81 ± 0.20 2.23 ± 0.16 

Industrial-scale 700 2.31 ± 0.10 2.02 ± 0.11 

 1050 2.74 ± 0.09 2.34 ± 0.07 

 1400 2.66 ± 0.13 1.88 ± 0.10 

Note: keff,r [=] W m-1 K-1
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Figure 3C.1. Radial effective conductivity estimated for the bench and 

industrial-scale packed bed and determined from literature correlations 

[32,58,86,87]. 

Appendix 3D Conventional heat transfer approaches for wall- 

cooled packed beds 

Generally, the conventional approaches used in the literature describes the radial and 

axial temperature profiles within the packed bed by using the two-dimensional heat transfer 

pseudo-homogeneous model given by Eqs. (3.27) – (3.32), but with the difference that the keff,r 

is considered constant and the wall heat transfer coefficient hw captures the heat transfer 

resistances inside and outside of the packed-bed wall [2–7]. The corresponding boundary 

condition at the tube wall is: 

 
∂T 

r = Rt − keff,r ∂r 
= hw(T − Tb) (3D.1) 

The two conventional approaches assessed in this work are: (i) the Classical Approach 

(CA) [3–7] which considers plug flow instead of fluid dynamics; and (ii) the Boundary Layer 

Approach (BLA) [1,2,8,9] where fluid dynamics is accounted for. Both approaches are used to 

describe the performance of packed bed reactors [2,8] because the boundary condition used 

captures the radial heat transfer mechanisms from the coolant source, e.g., bath temperature, to 

the tube wall of the bed. Parameters keff,r and hw are estimated considering temperature 

observations generated in a bench and industrial-scale packed bed in absence of reaction. For 

the latter, the experiments are performed using a coolant fluid to determine hw and not only 

keff,r. Nevertheless, as aforementioned, CA and BLA present a cross-correlation issue between 
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the keff,r and hw, since both are estimated from the same set of observations without considering 

radial weighting during the regression. The KWT-CA and KWT-BLA approaches described in 

Appendix 3C are used as initial guess for keff,r to minimize the cross-correlation between keff,r 

and hw. Table 3D.1 lists the estimates for hw for the CA and BLA approaches, while Figure 

3D.1 depicts hw obtained for CA and BLA, along with parameter values calculated using 

correlations from the literature. All parameter estimates are within the order of magnitude 

reported in the literature. 

Table 3D.1. Heat wall transfer coefficient estimates 

and their corresponding 95% confidence intervals 

for CA and BLA. 
 

Case Rep hw (W m
-2

 K
-1

) 

CA 700 105 ± 1.2 

 1050 126 ± 1.1 

 1400 127 ± 0.9 

BLA 700 166 ± 1.4 

 1050 204 ± 1.5 

 1400 256 ± 1.5 

 

 

 

 
Figure 3D.1. Heat transfer parameters estimated for the bench and industrial- 

scale packed bed and determined from correlations from the literature 

[15,45,100,103–108]. 
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Appendix 3E 1-D Pseudo-homogeneous heat transfer model 

 
The following model is considered in order to estimate the Uw and compare it with the 

calculated from Eq. (27): 

 
∂T ∂T 4Uw 

(ρsCps + ρfCpf) 
∂t 

+ ρfCpfεvz 
∂z 

=   
d 

(T − Tw) 
t 

(3E.1) 

t = 0 T(0, z) = Tss (3E.2) 

z = 0 T0 = T (3E.3) 

∂T 
z = L 

∂z 
= 0 

(3E.4) 
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Chapter 4 – Oxidative dehydrogenation of 

ethane packed bed reactor 
 

 

This Chapter focuses on the evaluation of the pseudo-local approach, assessed under 

non-reactive conditions in Chapter 3, and the axial heat transfer by conduction on the simulated 

temperature profiles within a wall-cooled industrial-scale packed bed reactor. The Oxidative 

Dehydrogenation of Ethane (ODH) over a V-based multi-metallic catalyst is considered as the 

case study because of the exothermicity of the involved reactions, i.e., the partial and total 

oxidation of ethane. Section 4.1 describes the reactor model for the ODH over a V-based multi- 

metallic catalyst. Section 4.2 provides the results obtained from the reactor simulations 

targeting the elucidation of the advantages of the pseudo-local approach in comparison with 

the conventional approximations. Section 4.3 presents the evaluation of the impact of the axial 

heat transfer conduction on the ODH reactor performance, mainly in the zones where a hot spot 

is commonly expected. The axial heat transfer conduction is evaluation by three different 

correlations for keff,z: (i) the most widely used one developed by Yagi et al. [12], (ii) the generic 

one developed by Votruba et al. at Rep up to 1000 for a packed bed with 3.85 < dt/dp < 55.77 

[17], and (iii) the specific one developed in this work. 

 

 

 

 

 

 
 

Part of the results of this chapter are published as: 

 
Romero-Limones A., Poissonnier J., Thybaut J. W., and Castillo-Araiza C. O., (2023). A 

pseudo-local heat transfer approach in a low tube to particle diameter ratio packed bed catalytic 

reactor: Oxidative Dehydrogenation of ethane as a case study. Chemical Engineering Journal. 

DOI: 10.1016/j.cej.2022.140392 

Romero-Limones A., Poissonnier J., Castillo-Araiza C. O., and Thybaut J. W., (2023). 

Avoiding false runaway prediction by properly describing axial conductive heat transfer in a 

low dt/dp industrial-scale packed bed reactor. Chemical Engineering Journal. DOI: 

10.1016/j.cej.2023.146167 
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4.1 Reactor model 

 
The characterization of transport phenomena within a packed bed reactor with low dt/dp 

(< 8 mr ms
-1) was done in Chapter 3. In this Chapter, the development of a reactor model, 

coupling an intrinsic ODH kinetic model with transport phenomena, is presented. 

The performance of a multitubular wall-cooled packed bed reactor is normally 

predicted by assuming that a single tube operates the same as the rest of the tubes [1–3]. Thus, 

the performance of an industrial-scale single tube wall-cooled packed bed reactor operating in 

a non-isothermal and non-adiabatic mode is simulated here. Since the industrialization of the 

ODH [4], it is imperative to have a reliable reactor model that describes the complex kinetics 

and transport phenomena interactions, and the effect of the operating conditions within an 

industrial wall-cooled packed bed reactor. Thus, ODH is considered as the case study for the 

reactor simulations. The intrinsic ODH kinetics have been described previously in our research 

group [5,6] for a multi-metallic V-based catalyst supported on TiO2 following an Eley-Rideal 

mechanism. For the sake of brevity, the details of the kinetics are given in Appendix 4A. 

The reactor model is constructed while accounting for fluid dynamics, because of its 

effect on the heat transfer mechanisms within the bed, including its effect on the pseudo-local 

effective heat transfer parameters. To this end, heat and mass transfer mechanisms are 

accounted for in a pseudo-heterogeneous two-dimensional model, based on averaged general 

conservation relations, yet, by considering effective transport parameters: 

Gas phase 
 
 

∂Ci ∂Ci ∂2Ci ∂2Ci 1 ∂Ci 
ε 

∂t 
+ εvz ∂z 

= ε Deff,z ∂z2  + ε Deff,r [ 
∂r2  + 

r ∂r 
] + (1 − ε)kgas(Ci,s − Ci) (4.1) 

∂T ∂T 
ερfCp,f  ∂t 

+ εvzρfCp,f ∂z 

∂2T 1 ∂ ∂T 
= keff,z 

∂z2 + 
r ∂r 

[keff,r,PLA(r)r 
∂r

] + (1 − ε)hgas(Ts − T) 

 

(4.2) 

Solid phase 
 

5 
∂Ci,s 

(1 − ε) = (1 − ε)kgas(Ci − Ci,s) + ρb ∑ νi,jrj 
∂t 

i=1 

(4.3) 

ρ C 
∂Ts = (1 − ε)h a (T − T ) + ρ ∑5   (−ΔH )r 

b   p,s  ∂t g   s s b j=1 j j 
(4.4) 
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where Ci and Ci,s are the molar concentration of the component i in the gas and solid phase, 

respectively, vz is the interstitial axial velocity within the bed, uz,0 is the inlet superficial axial 

velocity of the bed, T and Ts are the temperature in the gas and solid phase, respectively, keff,z 

is the axial thermal conductivity and keff,r,PLA is the pseudo-local radial thermal conductivity. 

The corresponding initial and boundary conditions are: 
 

 
t = 0; Ci = Ci,ss and Ci,s = Ci,s,ss (4.5) 

t = 0; T = Tss and Ts = Tss (4.6) 

∂Ci 
z = 0; uz,0Ci,0 = ε vzCi − ε Deff,z 

∂z
 

(4.7) 

∂T                                                              
uz,0

ρfCp,fT0 = ε vzρfCp,fT − keff,z ∂z 
(4.8) 

z = L; 
𝜕𝐶𝑖 = 0 and 𝜕𝑇 = 0 
𝜕𝑧 𝜕𝑧 

(4.9) 

r = 0; 
𝜕𝐶𝑖 = 0 and 𝜕𝑇 = 0 
𝜕𝑟 𝜕𝑟 

(4.10) 

r = R ; 
𝜕𝐶𝑖 = 0 and k (r) 

∂T 
= h (T − T ) 

t   𝜕𝑟 eff,r,PLA ∂r w,ext b 
(4.11) 

 

The reactor model, following the PLA is compared with the conventional state-of-the- 

art approaches, i.e., Classical Approach (CA) and Boundary Layer Approach (BLA) aiming at 

the elucidation of their limitations and providing the most reliable reactor model. For the sake 

of brevity, the details of CA and BLA are given in Appendix 3D. Moreover, the impact of the 

axial heat transfer by conduction on the axial temperature profile predictions, particularly in 

the zones where the hot spot are commonly detected, is target by considering keff,z. Both reactor 

and catalyst dimensions, operating conditions and parameters used for the packed bed reactor 

simulations are listed in Table 4.1. This model, Eqs. (4.1) – (4.11), is discretized using 

orthogonal collocation (40 radial and 15 axial points), employing shifted Legendre polynomials 

[7]. The resulting set of ordinary differential equations is solved using a fourth-order Runge- 

Kutta-Fehlberg method [8]. 
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Table 4.1. Reactor and catalyst dimensions, operating conditions, 

and transport phenomena parameters used in the reactor model. 
 

 Value Reference 

Reactor and catalyst dimensions   

L [mr] 2.6 [9] 

dt [mr] 0.025 [9] 

dp [ms] 0.0082 [9] 

ε [mf
3 mr

-3] 0.48 [9] 

ρb [kgcat mr
-3] 75 [10] 

Operating conditions   

ptot [atm] 1 [9] 

Tb [°C] 440 – 480 [9] 

T0 [°C] 200 [9] 

Rep 700 – 1400 [9] 

Flow rate [Nm3 h-1] 2 – 4 [9] 

Ethane feed concentration [% mol] 9 [9] 

Oxygen feed concentration [% mol] 7 [10] 

Transport parameters   

Deff,r [mr
2 h-1] 32 [9] 

Deff,z [mr
2 h-1] 53 [9] 

kg [m 2 h-1] 
r 576 [9] 

hg [m 2 h-1] 
r 928.8 [9] 
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4.2 The role of PLA on the description of the ODH 

reactor 

Targeting the elucidation of properly account for the radial heat transfer and the 

uncertainties related to it when modeling an industrial reactor, the PLA is evaluated under 

reaction conditions for the ODH. 

Figure 4.1 shows the comparison between the axial temperature profiles within the 

packed bed reactor simulated for both solid and fluid phase by applying PLA and the 

conventional approaches, i.e., CA and BLA, at Rep of 1400 and Tb of 440 °C. It should be noted 

that the simulations referred to the conventional approaches do not account for the effect of keff,z. 

The simulations regarding CA and BLA consider the parameters estimated in this work, i.e., 

keff,r and hw, and those reported in literature [6]. The differences between the estimated values 

obtained here and those determined in literature for the classic approaches are due to in this work 

fluid dynamics considers the mass conservation, and the parameters are estimated following a 

weighted regression method. 

The simulations reported in the literature exhibit significant differences in simulated 

temperature profiles compared to the ones obtained with the PLA developed in this work. So 

far, there is a difference up to ca. 1 mr and ca. 7 °C between the conventional approaches from 

literature and the PLA reported in this work in the simulation of the hot spot position and 

magnitude, respectively. When fluid dynamics is neglected, i.e., CA, larger hot spot 

temperatures and larger displacements of the hot spot towards the reactor outlet are simulated. 

Moreover, fluid dynamics also impacts on the prediction of the broadness of the hot spot, i.e., 

the hot spot is wider when fluid dynamics is not accounted for. The inclusion of the velocity 

profile impacts on the convective transfer mechanisms, especially, at those zones of high void 

fraction, which in turn improves the heat transfer rates. These results show the sensitivity of 

the reaction kinetics to fluid dynamics and radial heat transfer impacting on both the 

microscopic and macroscopic performance of the of the reactor. Additionally, for all 

simulations, the temperature difference between the solid and fluid phase is the highest at the 

hot spot position, albeit that also there it remains below 5 °C. 

When PLA is utilized, a similar hot spot temperature is predicted as when using BLA. 

Using the former approach, the hot spot is simulated to occur at 0.52 mr while with the latter it 

is simulated to occur already at 0.40 mr from the reactor inlet. Similarities in the simulations 
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can be related to the methodology implemented for the BLA. Heat transfer parameters are 

determined accounting for fluid dynamics such that they account for its impact on heat transfer 

once applied to the modeling of the industrial-scale reactor. PLA is developed accounting for 

capturing properly the heat transfer mechanisms inside the packed bed as well as the fluid 

dynamics effect on them. Moreover, hw,ext properly captures properly the external heat transfer 

mechanisms and it is estimated independently. 

Figure 4.2 illustrates the axial temperature profiles from the ODH packed bed reactor 

simulations accounting for PLA at different bath temperatures. The results show a hot spot 

appearing at ca. 0.5 m from the reactor inlet for all the bath temperatures. However, as the bath 

temperature is increased, the hot spot is moved closer to the reactor inlet. Moreover, for the 

bath temperature of 480 °C, a hot spot temperature of ca. 820 °C is predicted (not shown in the 

Figure). This runaway situation is in line with results reported in literature when an Eley-Rideal 

kinetic model is coupled with the BLA, i.e., a hot spot temperature of 717 °C [6] is predicted. 

 

 
Figure 4.1. Axial temperature profiles predicted from PLA, CLA and BLA for 

the industrial-scale packed bed reactor at a Re of 1400, Tb = 440 °C and inlet 

C2H6/O2/N2 = 9/7/84. The parameters hw [W m-2 K-1] and keff,r [W m-1 K-1] from 

literature [6] are 91.5 and 1.17, respectively, for the CA, while for the BLA 

they are 155 and 1.65, respectively. 
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Figure 4.2. Axial temperature profiles predicted from PLA for the industrial- 

scale packed bed reactor at a Rep of 1400 and inlet C2H6/O2/N2 = 9/7/84. The 

bath temperature ranges from 400 – 480 °C. Dashed lines describes fluid 

temperature and continuous lines the solid temperature. 

4.3 The impact of keff,z on the description of the ODH 

reactor 

Figure 4.3a and b display the axial temperature profiles with bath temperatures, Tb, of 

440 °C and 480 °C, respectively, at Rep of 700 and 1400, an inlet molar ratio C2H6/O2/N2 of 

9/7/84 and an inlet temperature, T0, of 200 °C. Although in Chapter 3 the heat transfer 

simulations without reaction exhibited similar simulated temperature profiles when using the 

keff,z estimated in this work, and those calculated from Yagi et al. correlation, the impact of 

considering either one is significant under reaction conditions. Particularly in regions of 

parametric sensitivity, such discrepancies have been reported before [11–13]. 

The simulations conducted at a Tb of 440 °C (see Figure 4.3a) show that the temperature 

difference between the simulated hot spots is less than 10 °C for the reactor model using keff,z 

as determined from this work, keff,z from Yagi et al., or keff,z from Votruba et al. at these specific 

“mild” conditions, the predicted temperature profiles are consistent with those reported in the 

literature when Yagi et al. keff,z is considered [6]. Apart from the hot spot temperature, the axial 

position of the hot spot at Rep of 700 varies between 0.2 mr and 0.5 mr, and at Rep of 1400 

between 0.4 mr and 0.8 mr. To this end, the hot spots predicted using the keff,z from Yagi et al. 

are closer to the reactor inlet compared to those predicted using the keff,z estimated in this work 

or from Votruba et al. 
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At harsher conditions, when the Tb amounts to 480 °C, simulations with the keff,z from 

Yagi et al. predict runaway. Moreover, simulations without keff,z also yield similar results to 

those obtained with the keff,z from Yagi et al. correlation, but they are not shown in Figure 4.3 

for brevity. On the other hand, simulations with the keff,z as determined in our work and the one 

from Votruba et al. do not predict runaway. This indicates that neglecting the impact of keff,z 

can lead to predicting hot spots that result in runaway for highly exothermic reactions as the 

flow increases or as the bath temperature increases, whereas properly describing the keff,z 

overcomes this overprediction. Indeed, although discrepancies between the prediction of both 

hot spots magnitude and location and the experimental observations have been associated with 

neglecting the axial heat transfer by conduction within reactor models for highly exothermic 

reactions [9,14], the issue was not addressed before for low dt/dp packed bed reactors [6,10,15]. 

Simulated axial temperature gradients based on the keff,z as determined in our work are more 

pronounced than those considering the keff,z from Votruba et al., reaching 520 °C and 510 °C at 

Rep of 1400 and 700, respectively. This demonstrates that an accurate determination of keff,z not 

only prevents the misprediction of a runaway situation, but also ensures correct hot spot 

temperatures and location in the packed bed reactor. 

 

 
Figure 4.3. Axial temperature profiles predicted for the industrial-scale packed bed 

reactor, inlet molar ratio C2H6/O2/N2 = 9/7/84, T0 = 200 °C. (a) At Tb = 440 °C. (b) 

At Tb = 480 °C. Dotted lines refer to Rep = 700, and continuous lines refer to Rep = 

1400. Blue lines refer to considering keff,z from Yagi et al. [16], green lines refer to 

the keff,z estimated in this work, and red lines to keff,z from Votruba et al. [17]. 

Figure 4.4a and b depict the axial temperature profiles with Tb of 440 °C and 480 °C, 

respectively, T0 of 200 °C, Rep of 1400, and an inlet molar ratio C2H6/O2/N2 of 9/7/84 and 
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13/3/84. The computed results with a Tb of 440 °C (see Figure 4.4a) show that the temperature 

difference between the simulated hot spots is less than 5 °C for the reactor model considering 

keff,z determined from this work, from Yagi et al., or from Votruba et al. Additionally, no 

significant difference between considering an inlet molar ratio C2H6/O2/N2 of 9/7/84 and 

13/3/84 was seen in the axial temperature profiles when a Tb of 440 °C is utilized. On the other 

hand, with a Tb of 480 °C, the simulations considering an inlet molar ratio C2H6/O2/N2 of 9/7/84 

predict a higher temperature in the hot spot, than those with an inlet molar ratio C2H6/O2/N2 of 

13/3/84. This is because a high content of oxygen, i.e., C2H6/O2/N2 of 9/7/84, favors the high 

exothermic total oxidation reactions, increasing the temperature in the hot spot. This 

temperature increment was not seen with a Tb of 440 °C, indicating that the sensitivity toward 

triggering a runaway situation becomes higher as the Tb increases. Moreover, considering a 

keff,z from Yagi et al. leads to a runaway situation when the inlet molar ratio C2H6/O2/N2 is 

9/7/84 but to a hot spot of 545 °C when the inlet molar ratio C2H6/O2/N2 is 13/3/84. Even with 

an inlet molar ratio C2H6/O2/N2 of 13/3/84, which decreases the exothermicity of the reaction, 

the hot spot value predicted considering the keff,z from Yagi et al. is 35 °C higher than the hot 

spot predicted when the keff,z from this work is considered. This not only demonstrates the 

sensitivity that the oxygen content has on the hot spot predictions for highly exothermic 

reactions, but remarks the importance that the accurate keff,z determination has in the avoiding 

of the runaway situation misprediction. 

 

 

Figure 4.4. Axial temperature profiles predicted for the industrial-scale packed bed 

reactor, T0 = 200 °C, Rep = 1400. (a) At Tb = 440 °C. (b) At Tb = 480 °C. Dashed lines 

refer to an inlet molar ratio C2H6/O2/N2 = 13/3/84, and continuous lines refer to inlet 

molar ratio C2H6/O2/N2 = 9/7/84. Blue lines refer to considering keff,z from Yagi et al. 

[16], green lines refer to the keff,z estimated in this work, and red lines to keff,z from 

Votruba et al. [17]. 
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Figure 4.5a and b illustrate the axial temperature profiles with a Tb of 440 °C and 480 

°C, respectively, an inlet molar ratio C2H6/O2/N2 of 9/7/84, at Rep of 1400, and T0 of 200 °C 

and 300 °C. The results obtained with both Tb show that considering a T0 of 300 °C predicts the 

same hot spot temperature but closer to the packed bed reactor entrance than considering a T0 

of 200 °C. For example, with a Tb of 440 °C (see Figure 4.5a), when the keff,z from Yagi et al. 

is considered, the hot spot predictions with a T0 of 300 °C is at 0.4 mr, while with a T0 of 200 

°C is at 0.5 mr, both with a temperature of 450 °C. This is because the inlet gas mixture is hotter 

at T0 of 300 °C than at 200 °C, leading to an earlier hot spot formation. Moreover, the results 

obtained with a Tb of 480 °C (see Figure 4.5b) indicate that, at the operating conditions tested, 

the inlet temperature has not significant sensitivity on the predicted temperature of the hot spot 

but in its predicted location. 

 

 

Figure 4.5. Axial temperature profiles predicted for the industrial-scale 

packed bed reactor, inlet molar ratio C2H6/O2/N2 = 9/7/84, Rep = 1400. (a) At 

Tb = 440 °C. (b) At Tb = 480 °C. Continuous lines refer to T0 = 200 °C, and non- 

continuous lines refer to T0 = 300 °C. Blue lines refer to considering keff,z from 

Yagi et al. [16], green lines refer to the keff,z estimated in this work, and red 

lines to keff,z from Votruba et al. [17]. 

4.4 Conclusions 

 
The Pseudo-Local Approach (PLA), developed in Chapter 3 was assessed on an 

industrial ODH reactor accounting for the impact of the keff,z. The predictions showed 

significant differences related to the hot spot within the packed bed reactor, i.e., width of the 

hot spot and the position in the reactor where the hot spot is located, in comparison with the 
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Classic Approach (CA). On the other hand, PLA predictions versus the Boundary Layer 

Approach (BLA) were similar, agreeing with the literature. 

Concerning the impact of keff,z, the results showed that axial conduction is an important 

phenomenon to account for, especially at operating conditions where so-called ‘parametric 

sensitivity’ occurs, i.e., the development of hot spots and even runaway. Particularly for packed 

bed reactors with a dt/dp < 8 mr ms
-1, the use of generic correlations for the effective axial 

conductivity, either developed for packed bed reactors with a dt/dp > 8 mr ms
-1 or dt/dp < 8 mr 

ms
-1, led to mispredictions, either in the occurrence of runaway or not or in the development of 

radial gradients. Hence, particularly for highly exothermic reactions, a keff,z specific to the 

relevant reactor configuration, e.g., particle materials, shape, operating conditions, dt/dp ratio, 

should be considered. 

When simulating the industrial packed bed reactor under harsh conditions, i.e., Tb of 

480 °C, using the mostly employed literature correlation for keff,z, thermal runaway is predicted 

where it was not been reported. Simulations completely neglecting keff,z exhibited the same 

behavior indicating that the mostly used literature correlation for keff,z results in a too low value. 

In contrast, considering the keff,z determined in our work led to hot spot predictions up to 520 

°C, after which the temperature smoothly decreased until the cooling temperature. The higher 

keff,z as obtained from the correlation developed in this work avoids the accumulation of energy 

in the hot spot and the simulation of thermal runaway due to highly exothermic reactions. On 

the other hand, when keff,z exceeds the one obtained from the correlation developed in our work, 

the simulated axial temperature profile increases smoothly, without significant hot spot, which 

is not in line either with literature reported behavior. 

The adequate characterization and prediction of both axial and radial heat transfer is 

crucial in the simulation of the reactor performance for highly exothermic reactions in a packed 

bed with low dt/dp (< 8 mr ms
-1), mainly near the reactor inlet, where hot spots/runaway typically 

develops. The reactor model developed in this thesis can be considered as one of the most 

consistent and generalized approximations to model heat transfer in the industrial-scale wall 

cooled packed bed reactor with a low tube-to-particle ratio. It overcomes historical limitations 

on the characterization of radial heat transfer, including the methodology applied to account for 

the effect of fluid dynamics on the PLA which properly captures the heat transfer mechanisms 

inside the packed bed reactor, mainly in those high void fraction zones. Moreover, PLA paves 

the way for suitable process concept design, optimization, and intensification in 
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future works, where highly exothermic reactions take place, e.g., partial oxidation of o-xylene 

to phthalic anhydride [18–20], oxidative dehydrogenation of ethane [6,21,22], oxidative 

coupling of methane [23,24], partial oxidation of methane to synthesis gas [25], hydrogenation 

of benzene [26], ethylene oxidation [27], among others. However, it should be mentioned that 

the use of a complex reactor model as the one developed in this thesis would be impractical for 

optimization and control purposes. Other methodologies can be considered to simplify this 

model, without losing its robustness, such as the surface response method [28,29]. 
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Appendices 

 
Appendix 4A ODH kinetic model 

 
The kinetic model used during the reactor simulations has been developed in our 

research group [10] for a multi-metallic V-based catalyst supported on TiO2. The reaction rate 

equations, following an Eley-Rideal mechanism, written as a function of the partial pressures 

of the gas phase components, are given in Eqs. (4A.1) – (4A.5): 

 
r1 = k1pC2H6 

θO (4A.1) 

r2 = k2pC H θ0.922 
2   6    O 

(4A.2) 

r3 = k3pC H θ0.906 
2   6    O 

(4A.3) 

r4 = k4pC H θ
1.23

 
2   4    O 

(4A.4) 

r5 = k5pC H θ0.905 
2   4    O (4A.5) 

 

where kj is the rate coefficient of the j-reaction, and Ki and pi are the adsorption equilibrium 

coefficient and partial pressure for the i-component, respectively. Assuming that the total 

number of active sites on the catalytic surface does not change over time, the total site balance 

and the coverage fraction of each oxygen and water are defined as: 

 
θ∗ + θO + θH2O = 1 (4A.6) 

1 

θO = (KOpO )2θ∗ 
2 

(4A.7) 

θH2O = KH2OpH2Oθ∗ (4A.8) 

 

where θ∗, θO, and θH2O are the free site, the oxygen coverage and the water coverage fraction, 

respectively. This kinetic model is coupled to the reactor model accounting for fluid dynamics, 

on the heat transfer mechanisms. 
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Chapter 5 – Conclusions and perspectives  
 
 

5.1 Conclusions 

 
Two fundamental processes, within the framework of the circular economy for 

hydrocarbons, have been assessed: the Oxidative Conversion of Methane (OCoM) and the 

Oxidative Dehydrogenation of Ethane (ODH). 

In Chapter 2, OCoM has been proposed as a promising concept to valorize methane into 

ethylene and CO serving as an optimal feedstock towards ethylene hydroformylation for C3 

production, relevant for the growing polypropylene market. An OCoM kinetic model, trained 

and validated against experimental data acquired on a MnNaW/SiO2 catalyst, was employed 

for assessing the potential OCoM behavior as a function of the operating conditions, more 

particularly, pursuing total oxygen conversion, maximal ethylene yield and an as close to 

equimolar C2H4/CO ratio as possible. The optimal operating conditions determined are a 

temperature of 850 °C, Wcat/FCH4,in of 6.5 kgcat s mol-1 and CH4/O2 inlet molar ratio of 10 mol 

mol-1. At these conditions, the reaction rates of the Oxidative Coupling of Methane (OCM), the 

Steam Reforming of Methane (SRM) and the non-oxidative Thermal Dehydrogenation of 

Ethane (TDE) are the highest. Three different real feedstocks were assessed in OCoM reactor 

simulations, leading to the conclusion that shale gas is the most promising feedstock for OCoM, 

i.e., high carbon conversion (31% mol mol-1), high ethylene yield (19% mol mol-1) and 

C2H4/CO/H2 molar ratio of 1/1.1/3.7. This leads to a more suitable OCoM outlet stream for 

further ethylene hydroformylation. Additionally, the high yields towards ethylene and CO from 

OCoM allow minimizing the energetic and economic challenges of desired products separation 

from the downstream process. Last, the C123 process considerations are given in view of 

ensuring the efficient utilization of shale gas, and the sustainable production C2 and C3 species. 

On the other hand, fundamentals for the adequate modeling of a multitubular packed 

bed reactor for the ODH has been assessed in Chapter 3 and 4. In Chapter 3, a novel developed 

methodology to reliably describe the temperature gradients within a packed bed (in absence of 

reaction) with low tube to particle diameter ratio (dt/dp < 8 mr ms
-1) has demonstrated the need 

to account for both fluid dynamics and pseudo local radial effective thermal conductivity, 

keff,r,PLA. The fluid dynamics within the packed bed was determined, using pressure drop 

experiments within a packed bed reactor, while ensuring the mass conservation criterion is met 
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during the estimation of the effective viscosity, μeff. It was demonstrated that the velocity 

profiles, mainly in the wall zone, obtained from the non-conservative approaches overpredict 

the maximum velocity profile compared to the fluid dynamic model used in this work, 

particularly close to the wall. Axial heat transfer conduction was specifically determined via 

keff,z from experiments in a bench-scale packed bed at ‘adiabatic’ conditions, i.e., radially 

uniform temperatures, allowing more accurately reproducing the experimentally measured 

axial temperature profile than when using more generic literature correlations, also at non- 

adiabatic and non-isothermal conditions, i.e., in the presence of radial temperature gradients. 

The radial temperature predictions obtained via the developed Pseudo Local Approach (PLA) 

greatly improves the lack of temperature description along the radial axis, including the zone 

near to the wall using the conventional approaches. This improvement in the temperature 

description demonstrates the limitations of the conventional heat transfer approaches that 

consider keff,r. At ca. one-pellet distance from the wall the pseudo-local keff,r,PLA has the highest 

value, because fluid velocity favors the dynamic heat transfer contribution. In the wall zone, 

keff,r,PLA decreases as a result of the synergy between fluid dynamics and the heat boundary 

layers in the wall. Moreover, the pseudo-local parameters, i.e., k1,h and k2,h, are in good 

agreement with those obtained at bench-scale and industrial-scale. This is mainly thanks to the 

operating conditions, the geometrical configuration and the packing that can be considered the 

same at both scales. Thus, an accurate scale-up can be ensured thanks to the use of the pseudo- 

local keff,r,PLA considering that the internal heat transfer mechanisms are very similar between 

both scales. Moreover, the pseudo-local approach allows a reliable analysis to determine heat 

transfer resistances at the coolant side by estimating the external wall heat transfer coefficient, 

hw,ext. The proper characterization of the external heat transfer resistances encountered in the 

δHT,ext via the hw,ext demonstrated that the internal and external heat transfer resistances are ca. 

30% and 70% of the total heat transfer resistances, respectively. Additionally, for industrial- 

scale packed beds operated in the absence of reaction, the keff,z as determined in this work 

performs overall slightly less than the mostly used correlation from literature. 

In Chapter 4, the Pseudo-Local Approach (PLA), developed in Chapter 3 was assessed 

on an industrial ODH reactor accounting for the impact of the keff,z. The predictions showed 

significant differences related to the hot spot within the packed bed reactor, i.e., width of the 

hot spot and the position in the reactor where the hot spot is located, in comparison with the 

Classic Approach (CA). On the other hand, PLA predictions versus the Boundary Layer 

Approach (BLA) were similar, agreeing with the literature. Concerning the impact of keff,z, the 
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results showed that axial conduction is an important phenomenon to account for, especially at 

operating conditions where so-called ‘parametric sensitivity’ occurs, i.e., the development of 

hot spots and even runaway. Particularly for packed bed reactors with a dt/dp < 8 mr ms
-1, the 

use of generic correlations for the effective axial conductivity, either developed for packed bed 

reactors with a dt/dp > 8 mr ms
-1 or dt/dp < 8 mr ms

-1, led to mispredictions, either in the occurrence 

of runaway or not or in the development of radial gradients. Hence, particularly for highly 

exothermic reactions, a keff,z specific to the relevant reactor configuration, e.g., particle 

materials, shape, operating conditions, dt/dp ratio, should be considered. When simulating the 

industrial packed bed reactor under harsh conditions, i.e., Tb of 480 °C, using the mostly 

employed literature correlation for keff,z, thermal runaway is predicted where it was not been 

reported. Simulations completely neglecting keff,z exhibited the same behavior indicating that 

the mostly used literature correlation for keff,z results in a too low value. In contrast, considering 

the keff,z determined in our work led to hot spot predictions up to 520 °C, after which the 

temperature smoothly decreased until the cooling temperature. The higher keff,z as obtained 

from the correlation developed in this work avoids the accumulation of energy in the hot spot 

and the simulation of thermal runaway due to highly exothermic reactions. On the other hand, 

when keff,z exceeds the one obtained from the correlation developed in our work, the simulated 

axial temperature profile increases smoothly, without significant hot spot, which is not in line 

either with literature reported behavior. 

5.2 Perspectives 

 
The findings of the OCoM analysis demonstrate its efficiency to convert methane into 

a suitable feedstock for the Hydroformylation of Ethylene (HF), representing an innovative 

step forward in the efficient and sustainable use of methane resources. Further research and 

development should be encouraged to keep optimizing the OCoM reactions, such an extensive 

analysis concerning process configurations, optimization and intensification, scaling-up, 

reactor modeling, and strategies to maximize carbon yields from natural gas valorization. 

Moreover, despite the promising potential of OCoM, the effective utilization of CO2 

(biogas) is not possible due to catalytic materials appear to present severe challenges in 

processing sufficient amounts of CO2. This analysis uncovers potential directions for future 

investigation that include considering reactions like the hydrogenation of CO2 for methanol 

synthesis, and dry reforming of methane (DRM). The former has the potential to convert excess 

atmospheric CO2, a potent greenhouse gas, into fuels and value-added chemicals, establishing 
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a cycle of reuse for this otherwise harmful human-generated byproduct. Currently, various 

catalysts, including transition metals, metal oxide-based catalysts for CO2 to methanol 

conversion, and zeolite catalysts for subsequent methanol to hydrocarbons conversion, are 

being explored [1]. This creates additional pathways for converting greenhouse gases into 

beneficial materials [2]. On the other hand, DRM is a process that can convert methane and 

carbon dioxide into synthesis gas, which can be further refined into chemicals and fuels. While 

Despite the utilization of biomass for DRM is an emerging field with enormous potential to 

diminish the carbon footprint of the petrochemical industry and amplify the use of renewable 

resources [3], several challenges need to be addressed. For example, improving the catalytic 

activity and stability of catalysts used in DRM to increase the synthesis gas yield and reduce 

greenhouse gas emissions [4], and optimizing the cost and scalability of biomass utilization 

systems to enhance their economic viability for the petrochemical industry [5]. 

Concerning the multitubular ODH packed bed reactor, the reactor model developed in 

this thesis can be considered as one of the most consistent and generalized approximations to 

model heat transfer in the industrial-scale wall cooled packed bed reactor with a low tube-to- 

particle ratio overcoming historical limitations on the characterization of axial and radial heat 

transfer. The adequate characterization and prediction of both axial and radial temperature 

gradients is crucial in the simulation of the reactor performance for highly exothermic reactions 

in a packed bed with low dt/dp (<8), mainly near the reactor inlet, where hot spots/runaway 

typically develops. This indicates the opportunity areas where the contribution of this work can 

be applied. For example, with the recent industrialization of the multitubular ODH reactor, it 

is required a reliable reactor model accurately accounting for all the phenomena occurring 

during its performance, i.e., intrinsic kinetics and transport phenomena, as done in this work. 

This is crucial for its safe operation and design, control, optimization and intensification. Other 

opportunity areas are found on other industrial implemented highly exothermic reactions, such 

as the partial oxidation of o-xylene to phthalic anhydride [6–8], partial oxidation of methane to 

synthesis gas [9], hydrogenation of benzene [10], ethylene oxidation [11], among others. 
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